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Abstract 
 A two stage PROX reactor with micro heat exchangers was designed, built, and tested 
to demonstrate the ability to control the temperature in the reactor and improve PROX 
performance in terms of CO conversion and selectivity. The gas stream was composed of 
40% H2, 1% CO, 9% CO2, 0.5% O2, and 49.5% Ar. Metal foams were used to support a 5 
wt% Pt/0.5 wt% Fe/γ-Al2O3 catalyst. Two sections of foam catalyst were used with heat 
exchangers positioned before and after each section. The resulting axial temperature profile 
of the gas stream showed an expected temperature rise in the catalyst beds and a sudden drop 
in the heat exchangers. The heat exchangers were successful in reducing the gas temperature 
to within 4 °C of the coolant fluid at gas stream linear velocities of 60 cm/sec over a 3 mm 
axial distance when the upstream gas temperature was over 250 °C greater than that of the 
coolant. Results consistently showed an improvement in CO selectivity due to the efficient 
removal of heat. 
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Chapter 1. Introduction and Literature Review 
1.1 Proton Exchange Membrane Fuel Cells 
 Energy demands coupled with environmental concerns have led to the development 
of cleaner and more efficient power production. Engines based on combustion of fossil fuels 
are thermodynamically limited to a maximum efficiency set by the Carnot cycle. Fuel cells 
on the other hand are electrochemical devices that have the potential to far exceed 
combustion engines in terms of efficiency because they are not bound by the limits of heat 
engines. In fact, fuel cells in portable applications are predicted to double the efficiency of 
internal combustion engines [1]. In addition to increased efficiency, hydrogen powered fuels 
cells produce electricity without forming any NOx. The cell itself operates silently because 
there is no combustion or moving parts. Proton exchange membrane fuel cells (PEMFCs) are 
a promising alternative to traditional engines because of their higher power to weight ratio 
and lower operating temperature.  
Figure 1 is a basic diagram of a PEMFC in which a stream of pure hydrogen is fed 
onto the anode while air flows onto the cathode. Hydrogen molecules are split on the anode 
into electrons and hydrogen ions by means of a catalyst. The cell generates electricity by 
removing an electron from a hydrogen molecule while the proton (H+) makes its way through 
the electrolyte. When the H+ reaches the cathode it reacts with oxygen and reunites with the 
electron completing the electrical circuit. The oxidation of hydrogen in the cell also releases 
heat which may be used elsewhere in the system through thermal integration. The electrons 
flow through a circuit towards the cathode and may be used to serve an electric load. 
1.2 Fuel Processing 
Unfortunately, it is problematic to supply pure hydrogen to the cell because hydrogen 
is dangerous to handle and there is no infrastructure set up for delivering it in large quantities 
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Figure 1: Basic PEM fuel cell concept [1]. 
to consumers. Another way to supply hydrogen to the fuel cell is to produce it from 
traditional hydrocarbon fuels. Gasoline for example, can be reformed into a hydrogen rich 
gas stream that will supply hydrogen for use in the fuel cell. Unfortunately the reforming 
process also produces contains carbon monoxide. The catalyst on the anode of the fuel cell is 
usually platinum which absorbs carbon monoxide preferentially over hydrogen at the 
operating temperatures of the PEMFC (60 - 90 °C). As the gas stream from the fuel reformer 
flows over the fuel cell anode, carbon monoxide will absorb and eventually block all the 
catalyst sites, and the cell will cease to produce electricity. 
1.3 CO Removal 
Typically, most of the CO is converted into CO2 by means of the water gas shift 
(WGS) reaction shown in equation (1) following the fuel reforming step. 
CO + H2O → CO2 + H2 (1) 
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WGS produces H2 and CO levels can be reduced to ~1% in the WGS reactor, but the 
platinum catalyst at the fuel cell anode requires CO concentrations to be less than 10 ppm 
(0.001%). The final CO clean up can be achieved by three different processes: methanation, 
membrane separation, or preferential oxidation (PROX). The methanation reaction is 
described by equation (2). 
CO + 3H2 → CH4 + H2O (2) 
Three moles of H2 are consumed for every one mole of CO converted to methane. This is too 
costly a process since the efficiency advantage of the system depends on careful use of 
hydrogen. Membrane separation uses a palladium membrane to filter out H2. Since only H2 
can penetrate the membrane, a pure stream of hydrogen gas is sent to the fuel cell. The 
disadvantage of membrane separation is the high cost of materials and the high pressure 
required to drive the flow. PROX, on the other hand, can reduce CO to an acceptable level 
without consuming large amounts of H2 and without requiring a large pressure drop. 
Therefore, PROX remains as the most promising option for deep removal of CO. A 
simplified flow diagram of a fuel processing system coupled with a PEMFC is shown bellow 
in Figure 2. 
1.4 Preferential Oxidation (PROX) 
 PROX reactors use catalysts to reduce the concentration of CO by selectively 
oxidizing CO into CO2. The gas stream exiting the WGS typically contains 40% H2 and only  
 
Figure 2: Diagram of a fuel processing system coupled with a PEMFC. 
 4 
1% CO. Oxidation of CO is a rapid reaction but the high concentrations of H2 in the PROX 
inlet gas mean that some H2 oxidation is inevitable. The CO and H2 oxidation reactions are 
shown in equations (3) and (4) respectively. 
CO + ½O2 → CO2 





−=∆
mol
kJH o Kr 283298,  (3) 
H2 + ½O2 → H2O 





−=∆
mol
kJH o Kr 242298,  (4) 
Fortunately, catalysts are being developed that are capable of preferentially oxidizing CO in 
the presence of H2 [2-6]. In certain temperature ranges, these catalysts favor CO absorption 
on their surface, thereby allowing CO to be oxidized selectively. The correct temperature 
range is critical for proper PROX performance. 
The performance of PROX reactors is generally described by CO conversion (XCO) 
and CO selectivity (SCO) at a given gas hourly space velocity (GHSV) in the reactor. CO 
conversion and selectivity are defined by equations (5) and (6).  
%100*)(
)()(
inlettheinCOofmoles
exittheinCOofmolesinlettheinCOofmolesX CO −=       (5) 
%100*
)]()[(2
)()(
%100*
22 exittheinOofmolesinlettheinOofmoles
exittheinCOofmolesinlettheinCOofmoles
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convertedCOSCO
−∗
−
=
=
 (6) 
GHSV is defined by equation (7) and it is the ratio of the volume flow rate of the gas to the 
volume of the reactor. GHSV tells the residence time of the gas stream in the reactor. High 
GHSV represents short residence time. 
V
Q
volumereactor
rateflowvolume
hr
GHSV ==




 1
      (7) 
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CO conversion should be ~100% (to reach 10 ppm) in a PROX reactor connected to a 
PEMFC. Conversion less than this is not necessarily bad in an experimental reactor if the 
oxygen supply and/or residence time is limiting. Selectivity should also be as high as 
possible because any portion of total conversion that is not CO conversion represents the 
undesirable conversion of H2 into H2O. For an inlet composition of 1% CO and 40% H2, 
100% CO conversion, and 50% selectivity, the total H2 available drops only 2.5%. If 
hydrogen efficiency is defined as (moles of H2 in)/(moles of H2 out), then the process has an 
efficiency of 97.5%. 
Selectivity and conversion are interrelated with the O2/CO ratio in the feed stream. A 
stoichiometric ratio of O2/CO (O2/CO = 0.5) yields equal values for CO conversion and 
selectivity if all O2 is consumed. For example, if the O2/CO ratio equals 0.5 and all O2 is 
consumed by CO oxidation, then CO conversion and selectivity both equal 100%. For 
conditions yielding 50% selectivity, the O2/CO ratio must equal 1.0 to achieve 100% CO 
conversion. Processes resulting in lower selectivity require higher O2/CO ratios to achieve 
complete conversion, and vise versa. 
Low GHSV represents long residence time and low product yield for a given reactor 
volume. High GHSV is desirable because at a given flow rate a smaller reactor is required, or 
for a given reactor size higher flow rates and faster production rates are possible. The key is 
to find a catalyst active enough to rapidly convert CO in short amounts of time, and to design 
the reactor so that the available space is used efficiently. 
Maintaining the PROX reactor in the optimal temperature range is difficult because 
the oxidation of CO and H2 are both highly exothermic reactions (enthalpy of formations for 
the reactions are shown in equations (3) and (4)). As CO is converted, heat is released and 
the temperature rises in the reactor. Sufficient heat must be removed to compensate for the 
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heat released during the reaction or else the temperature rises to undesirable levels and 
PROX performance drops.  
Micro channel reactors have been shown to effectively manage heat generation by 
conduction through the reactor framework [7]. Micro channel reactors, however, must be 
scaleable to meet the volume flow requirements of transport vehicles. The scaled up reactor 
must also be lightweight and compact. Another method of heat removal is to insert heat 
exchangers into the reactor bed. In this case, the reactor consists of a tube filled with catalyst 
supported by a substrate. Examples of substrate supports are alumina pellets, ceramic 
monoliths, and metal foams. A small amount of catalyst is coated over the surface of the 
support material. As the gas stream flows through the reactor the temperature will rise in the 
catalyst bed. Heat exchangers inserted into the bed will remove the unwanted heat out of the 
reactor by means of a coolant fluid. 
1.5 Reactor Concept and Project Goal 
 The proposed reactor design uses metal foam as a catalyst support and flat panel 
micro heat exchangers. Metal foams are effective supports for catalysts in PROX reactors 
because of their high surface area per unit volume, low density, low pressure drop, high 
thermal conductivity, and irregular passageways [8]. Panels are inserted between sections of 
catalyst coated foam. The temperature of the gas stream rises in the foam sections and falls in 
the heat exchangers resulting in a saw tooth axial temperature profile. Figure 3 displays a 
qualitative example of the reactor concept and the axial temperature profile. 
 Figure 4 displays an example of the innovative micro heat exchangers that make this 
design unique compared to other multi stage PROX reactors. High heat transfer per unit 
volume and weight make these heat exchangers superior to other products appropriate for 
this application  [9, 10].  Space is limited in transport vehicles so it is critical to minimize the 
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Figure 3: Reactor concept with micro heat exchangers and a saw tooth axial temperature 
profile. 
Temperature rise 
without heat 
exchangers 
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Figure 4: Micro heat exchanger and cut away of the interior, 2.54 x 2.54 cm2 frontal area, 3 
mm thick, 650 µm channel diameter. 
 
volume of the PROX reactor and the other fuel processing components. The compact size of 
the heat exchangers allows them to control the temperature inside the reactor without adding 
significant volume or weight. The goals of this project include proving that these heat 
exchangers are effective in controlling the temperature in the PROX reactor and that the 
control of temperature results in a high performance PROX reactor capable of rapid CO 
conversion and high selectivity at high space velocities. The problem requires development 
of a versatile reactor design that lends itself to testing all the parameters affecting PROX 
performance.  
1.6 Catalyst for the PROX Reactor 
 The preferential oxidation of carbon monoxide in a gas containing high 
concentrations of hydrogen requires an active catalyst that promotes the conversion of CO 
into CO2 without consuming significant amounts of H2. Platinum based catalysts are proven 
to be active catalysts for the PROX reaction [4, 11], however, the high cost of platinum 
diminishes the potential economical advantage of the overall fuel cell system. An effective 
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and inexpensive alternative to platinum must be found so that the cost for consumers is 
minimized. The search for an alternative catalyst is the subject of ongoing research. 
1.7 Gas Stream Composition 
 Gas stream composition has a strong effect on the performance of the reactor. Many 
previous experiments omit CO2 and/or H2O from the reactor feed while measuring catalyst 
and reactor performance [2, 4, 6-8, 11, 12]. Unfortunately, catalyst and reactor performance 
has been shown to be a function of both of these gasses [3, 5, 13-16]. Therefore it is 
important to accurately simulate the exit stream of a water gas shift reactor that becomes the 
inlet stream for the PROX reactor. Several studies have concluded that steam in the gas 
stream has a strong influence on CO conversion. Castaldi et al. [14] report that the presence 
of water enhances CO conversion and selectivity. One explanation given is that the relatively 
high heat capacity of water allows it to absorb heat from the reaction and stabilize the 
temperature, thus avoiding hot spots and increased H2 conversion. Another reason suggested 
by the researchers is that water absorbs onto the alumina support and allows formate species 
to form that enhance CO conversion. Choi et al. [5] also determined that water in the inlet 
gas improves the performance of the PROX reactor when using four different catalysts. In 
disagreement with [14] and [5], Avgouropoulos et al. [3] found H2O to decrease CO 
conversion on three different catalysts at temperatures above 145 °C. The study also found 
CO2 to decrease CO conversion, and both H2O and CO2 to reduce selectivity. Carbon dioxide 
is also important for measuring reverse water-gas-shift (r-WGS) activity. Roberts et al. [15], 
using a platinum based catalyst, included 9% CO2 in the inlet feed with no CO and showed 
that the r-WGS reaction to be responsible for CO present in the outlet when the reactor 
temperature rose above 150 °C. 
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1.8 PROX Performance as a Function of Temperature 
 Temperature control in the reactor is critical to achieve high conversion and 
selectivity at sufficient space velocities. Low temperatures in the PROX reactor result in a 
slow reaction rate and low CO conversion. Extremely low GHSV at low could provide 100% 
conversion at low temperatures while maintaining acceptable CO selectivity, but the low 
flow rate or huge reactor required would be impractical. As the temperature rises, reactor 
performance reaches an efficient and practical level and becomes optimal at an ideal 
temperature unique to the catalyst in use. CO conversion and selectivity decrease as the 
temperature climbs above the ideal value. The decline in performance reduces the overall 
efficiency of the fuel cell system and must be avoided. Experimental results in Figure 5 [4] 
show the effect of temperature on reactor performance. CO conversion is poor at low 
temperature while selectivity remains mediocre. Higher temperatures correspond to increased 
CO conversion. Eventually selectivity and CO conversion peak at an optimal temperature 
(around 225 °C for the referenced results) and then continuously decrease at higher 
temperatures. The decrease in performance was attributed to increased H2 absorption and 
oxidation on the catalyst surface at higher temperatures. Another explanation for 
performance drop at higher temperatures is the reverse water gas shift reaction which is 
discussed in the next section. 
Experiments conducted by Srinivas et al [12] lead to similar conclusions by 
comparing the performance of a silicon microreactor to a packed bed microreactor. Both 
reactors demonstrated low CO conversion at low temperatures, a temperature range where 
conversion and selectivity peak, and a steady decline in conversion and selectivity at high 
temperatures. Maintaining the temperature near the ideal value is therefore a priority. Data 
from the experiments is displayed in Figure 6. The researchers suggested that the decrease in  
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Figure 5: Reactor performance as a function of temperature [4]. 
CO conversion and selectivity at temperatures above 210 °C results from increasing 
competition between CO and H2 on the catalyst surface. 
1.9 Reverse Water-Gas-Shift Reaction 
 High temperatures also result in the undesirable reverse water-gas-shift (r-WGS) 
reaction [5], [15], [16]. When the temperature is high enough and the catalyst supports r-
WGS activity, carbon dioxide and hydrogen react to produce carbon monoxide and water. 
The r-WGS reaction shown in equation (8) is doubly detrimental to the performance of the 
PROX reactor because it not only increases CO concentrations, making the reduction of CO 
to 10 ppm nearly impossible, but it also consumes more H2.  
CO2 + H2 → CO + H2O  (8) 
Increasing r-WGS activity has been shown to cause both CO conversion and selectivity to 
plummet. Conversion and selectivity drop because H2 is consumed while CO concentrations 
increase. Both Roberts et al. [15] and Chin et al. [16] conducted experiments with a PROX  
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Figure 6: CO conversion and selectivity vs. temperature for different reactor designs [12]. 
reactor under near adiabatic conditions and both report the r-WGS reaction limited their 
ability to reduce CO concentrations to acceptable levels. Significant r-WGS activity was 
observed in experiments by Roberts et al. [15] when temperatures exceeded 150 °C. The 
researchers deliberately omitted CO from an inlet gas stream containing 9% CO2 and 42% 
 13 
H2. Exit temperatures were varied between 170 °C and 300 °C by varying the inlet O2 
concentration. The inlet temperature was held constant at 170 °C. Carbon monoxide 
concentrations in the exit stream were found to increase with increasing temperature as 
shown in Figure 7. All CO in the exit was attributed to the r-WGS reactions because no CO 
was in the inlet stream. The data in Figure 6 highlights the importance of temperature control 
when using catalysts that support the r-WGS reaction. CO produced by the r-WGS reaction 
can be controlled by controlling the temperature rise resulting from CO and/or H2 oxidation. 
A study by Choi et al [5] compares PROX performance of four different catalysts as 
the temperature varies. Results in Figure 8 show that in all four cases the performance rises 
from poor at low temperatures to maximum in some ideal range and then drops back down at 
high temperature. 
 
Figure 7: Outlet CO concentration due to the r-WGS reaction vs. outlet temperature [15]. 
The study also reported a model derived from experimental data. Based on results 
from the model, r-WGS activity was determined to cause the performance drop at high  
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Figure 8: Conversion and selectivity as a function of temperature for four different 
catalysts [5]. 
 
temperatures instead of the competing H2 oxidation reaction. The model included effects of 
CO and H2 oxidation as well as the r-WGS reaction. The model was used to compare an 
isothermal reactor to an adiabatic reactor. Two other reactor scenarios involving active 
cooling were also included. The model’s output is plotted in Figure 9 along the reactor’s path 
(as the weight of catalyst seen by the stream increases). The adiabatic simulation predicts a 
severe temperature rise resulting from the heat released by oxidation, followed by a sharp 
decrease in CO conversion and selectivity. The CO concentration in the adiabatic reactor  
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Figure 9: Reactor performance along reactor length for four different thermal scenarios: 
adiabatic, isothermal, and two cases of active cooling within the reactor [5].  
 
drops from 1% to 0.24% as oxygen is consumed. After all oxygen is reacted the CO 
concentration begins to rise due to r-WGS activity. The drop in CO conversion and 
selectivity results from the r-WGS reaction and not H2 oxidation because there was no more 
oxygen present. The isothermal reactor exhibits much different behavior in Figure 9. CO 
concentration steadily approaches zero, conversion approaches 100%, and selectivity remains 
almost constant at about 40% along the reactor’s length. The researchers conclude that the 
isothermal reactor is the best scheme for achieving optimal PROX performance due to its 
ideal temperature control. 
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Local hot spots within the reactor can strongly influence r-WGS activity. The 
exothermic reactions (CO and H2 oxidation) on the catalyst surface cause local surface 
temperatures to rise high above the bulk gas temperature if the flowing gas cannot remove 
the generated heat. The hot spots on the surface cause the onset of r-WGS even when the 
average reactor temperature is ideal. Increasing the linear velocity of the gas stream reduces 
the intensity of hot spots by increasing the convective heat transfer coefficient. Results from 
[16] suggest that a metal foam catalyst support reduces r-WGS activity compared to a 
ceramic monolith support at the same conditions. The improvement is credited to the 
irregular passageways in the metal foam that break up the boundary layer and increase 
convective heat transfer within the foam, resulting in more uniform temperature.  
1.10 Micro Heat Exchangers for Temperature Control 
 Holding the temperature in the reactor near the ideal value is the key to achieving 
peak performance. Proper heat transfer is necessary to remove the heat generation from the 
reactions. Several methods of heat removal have been investigated with varying success [7, 
17-21]. Each case, however, indicates an improvement over a similar reactor without heat 
removal. The ideal reactor is one where every point inside the reactor is held at the optimal 
operating temperature. This reactor should be small and light weight relative to the volume 
flow rate that moves through it, and scalable to the flow rate required for transport vehicles. 
The reactor should also lend itself to thermal integration with the total fuel cell system so that 
the heat generated by the reaction can be utilized by another component of the system. 
1.10.1 Isothermal Reactor 
 A PROX silicon microreactor developed by Ouyang et al. [7] closely simulates an 
isothermal reactor. The microreactor is a single channel (500 µm width x 470 µm depth x 4.5 
cm length) in a silicon chip capped with PyrexTM glass. A thin film of Pt/Al2O3 catalyst was 
 17 
deposited on the channel walls. Each point within the reactor was maintained at the same 
temperature because the generated heat was quickly conducted through the reactor walls. 
Experimental data shown in Figure 10 displays near 100% CO conversion and 40% CO 
selectivity achieved at temperatures between 180 and 220 °C. A numerical model was 
developed to compare the performance of the microreactor and two mini packed-bed tube 
reactors (m-PBRs). The m-PBRs had a tube diameter of 2 mm and 4 mm. The gas stream 
was exposed to equal amounts of catalyst by weight in each reactor. The results of the model 
are shown in Figure 11. The model predicted severe hot spots in the m-PBRs (up to 300 °C 
higher than the wall temperature) and a decrease in CO conversion at higher temperatures 
due to r-WGS activity. The hot spots were attributed to heat transfer limitations. CO 
conversion in the microreactor remained near 100% at high temperatures. Hot spots were 
avoided in the microreactor because of the short heat transfer path between the catalyst and 
the channel wall. The absence of hot spots greatly widened the optimal temperature window 
for the microreactor by delaying the onset of the r-WGS reaction.  
The isothermal condition maintained in the microreactor is dependent on coolant 
flowing through channels in an interface block pressed against the silicon chip. Practical 
applications would require many reactant and coolant channels densely packed into a unit 
volume. The concept could work well if all silicon and glass material was removed from the 
chip except for material directly around the reactant channels, and a cooling fluid was made 
to flow around the dense array of reactant channels in the space left open by the removed 
material. The device would then be a heat exchanger with catalyst deposited on the surfaces 
seen by the gas stream. Fortunately, the channel walls do not need to be made of silicon. 
Instead, the walls can be made of metal like stainless steel, nickel, or even the material that is 
the catalyst. This promising concept presents an interesting manufacturing challenge in the  
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Figure 10: Experimental results for the silicon microreactor, conversion of CO, O2, H2, and 
CO selectivity vs. reactor temperature [7]. 
 
form of fabrication and assembly of the micro channels. Future research should develop a 
micro channel heat exchanger PROX reactor with the catalyst coated directly on the channel 
walls. 
1.10.2 Multi Stage PROX Reactor with Plate Fin Heat Exchangers 
Heat exchangers have been used to control the temperature of the gas stream by 
removing the heat generated during the PROX reaction. A working multistage PROX reactor 
reported by Pan et al. [18] demonstrates the feasibility of thermal integration and high 
thermal efficiency. The researchers cite the importance of temperature control and use plate 
fin heat exchangers to remove heat from the reactions. Catalyst was washcoated on ceramic 
monoliths in the reactor sections. The reactor layout and a diagram of the plate fin heat 
exchangers are shown in Figure 12. The temperature rise in each stage was independently 
controlled by regulating the oxygen input to each catalyst bed. Heat generated in the PROX 
reactor was used to preheat the methanol fuel (used as coolant in the heat exchangers) before  
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Figure 11: Numerical model results, CO conversion versus reactor wall temperature for 
three different reactor designs [7]. 
 
the methanol was sent to the reformer upstream of the PROX reactor. The PROX system 
displayed the saw tooth axial temperature profile illustrated in Figure 13. CO was reduced 
from 1.5% to concentrations below 50 ppm which was the minimal requirement for the CO 
tolerant PEMFC used in the study. CO selectivity was not reported but the overall fuel 
processor (the reformer and the PROX reactor) efficiency was maintained above 75% 
throughout 1000 hours of operation. The researchers defined efficiency as the LVH (lower 
heating value) of H2 exiting the system divided by the LVH of methanol entering. 
 Based on the reported 34.15 ml/min liquid methanol inlet flow rate, and 75% 
efficiency, the fuel processor should produce approximately 0.04 moles/sec of H2. The exact 
flow rate of gasses though the PROX reactor was not reported. Coupled with a PEMFC with 
50% efficiency the electrical power output would be 5 kW. The complete fuel processor was 
68 cm x 50 cm x 40 cm and weighed 40 kg. The total PROX reactor volume was 1.2 liters  
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Figure 12: Diagram of the plate fin heat exchangers and a simplified layout of the fuel 
processor [18]. Methanol and steam was used as coolant in the heat exchangers. 
 
Figure 13: Axial temperature profile in the four stage PROX reactor [18]. 
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not including the heat exchangers but the weight was not reported. This successful fuel 
processing system validates the incorporation of heat exchangers in a PROX reactor. 
1.10.3 Plate Fin Heat Exchanger PROX Reactor 
 Dudfield et al. [19] compared the performance of three PROX reactor designs that all 
feature active heat removal from the reaction zone. Photographs of the reactors are shown in 
Figure 14. A shell and tube heat exchanger was filled with porous micro spheres coated with 
catalyst. The shell and tube reactor had the advantage of being easy to recharge with fresh 
catalyst. The second reactor was made by compressing and sintering irregular stainless steel 
granules around a heat removal element. Characteristics of the elements were not reported. 
The sintered metal was then washcoated with catalyst. The third reactor was a plate fin heat 
exchanger fabricated from thin aluminum. The reactor design provided a surface area to 
volume ratio of 1500 m2/m3 in the reaction chambers. The walls of the reaction zone inside 
the heat exchanger were washcoated directly with catalyst. Heat generated by the reaction 
was therefore quickly transferred to the coolant on the other side of the wall.  
The plate fin reactor proved superior to the other designs in terms of lower pressure 
drop, greater temperature control, and higher CO conversion. A second set of tests found that 
by combining two plate fin reactors in series (doubling the reactor volume), CO 
concentrations could be reduced from 7000 ppm to less than 12 ppm. Results are displayed in 
Figure 15. The total reactor volume was 4 liters and was capable of processing enough gas 
for a 20 kW PEMFC. The performance relative to reactor volume is comparable to the 
system developed by [18] except lower exit CO concentrations were achieved. The 
performance reported by [19] is due to an active catalyst, high surface area to volume ratio, 
and thermal management. Volume could be further reduced by increasing the surface area to 
volume ratio. 
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Figure 14: Reactor designs compared by [19]. (a) Shell and tube heat exchanger filled with 
catalyst supported on porous micro spheres. (b) Porous metal compacted around heat transfer 
elements with catalyst washcoat. (c) Compact plate fin heat exchanger with catalyst washcoat 
on walls exposed to the gas stream. 
 
1.10.4 Microchannel Heat Exchanger PROX Reactor 
 Microstructure geometry provides the means to achieve more surface area per unit 
volume in the PROX reactor. A microchannel PROX reactor developed by Delsman et al. 
[20] takes advantage of the enhanced heat and mass transport attainable with microstructures 
due to their high surface area to volume ratio. Also incorporated into the device are high 
temperature and low temperature heat exchangers. The high temperature heat exchanger 
cools the gas exiting the reformer from 250 °C to 175 °C before entering the reactor. The low  
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Figure 15: CO concentration exiting the plate fin PROX reactor versus reactant flow rate 
[19]. 
 
temperature heat exchanger cools the gas exiting the PROX reactor down to 60 °C which is 
the operating temperature of the PEMFC. The reactor itself, however, is also a heat 
exchanger except that catalyst is washcoated on the reactant channel walls. A diagram of the 
heat exchanger PROX reactor system is shown in Figure 16.  
 
Figure 16: Diagram of the microchannel heat exchanger PROX reactor [20]. 
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The device was made by stacking multiple 500 µm thick stainless steel plates. Microchannels 
and flow distribution ports were etched into both sides of each plate. Different plate and 
channel geometries were used in different regions of the device but an example plate is 
shown in Figure 17. After stacking, the plates were laser welded around the perimeter and 
inlet and exit tubes were welded on. The complete device measuring (w x h x l) 17 x 64 x 55 
mm
3
 and weighing 150 g is shown in Figure 18. 
 
Figure 17: Both sides of a microchannel heat exchanger plate with 29 channels on each side. 
Channel dimensions are (w x h x l) 0.4 x 0.3 x 40 mm3 [20]. 
 
The system was intended for use in a methanol fuel processor to power a 100 W fuel 
cell. Anode exhaust gas from the fuel cell would be used as coolant but nitrogen was 
substituted for the experiments. In the complete system the anode exhaust gas will be heated 
from 60 °C at the fuel cell to above 200 °C before entering a catalytic burner. The burner 
supplies heat for the methanol reformer using the remaining hydrogen leftover by the fuel 
cell. A diagram of the system is shown below in Figure 19 with the approximate operating 
temperature of each component. 
Experimental results showed that the reactor performed well with CO reduced from 
0.5% (5000 ppm) down to 10 ppm and heat recovery ranging from 73% to 95% depending 
on flow rate and oxygen stoichiometry. The temperature distribution in the device is plotted  
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Figure 18: PROX reactor microdevice with microchannel heat exchangers. (A) low 
temperature heat exchanger, (B) PROX reactor, (C) high temperature heat exchanger, (D) 
thermocouples, (E) tube connection, (F) thermocouple channels, (G) insulation to thermally 
isolate the high and low temperature heat exchangers from the PROX reactor [20]. 
 
 
Figure 19: Fuel processing system thermally integrated with a 100 W PEM fuel cell [20]. 
in Figure 20 with the triangles representing experimental points and lines plotted from a one 
dimensional heat transfer model. The experimental points indicate excellent temperature 
control with no hot spots. Selectivity was not reported. Most of the reported data 
corresponded to about 1.5 moles of O2 added for every mole of CO (stoichiometric is 0.5 
moles of O2 for every mole of CO). The excess oxygen could result in selectivity as low 17% 
if all O2 is consumed. One could conclude that either the oxygen was not completely 
consumed and selectivity was probably good, or that poor selectivity is simply a result of the  
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Figure 20: Temperature distribution in the PROX device. Triangles represent experimental 
data and the lines are plotted from a 1D heat transfer model. Black is the temperature of the 
metal in the reactor, dark gray is the gas from the methanol reformer, and light gray is the 
coolant gas [20]. 
 
catalyst used and not temperature control because the thermal management in the system was 
shown to be excellent.  
 The design demonstrates good temperature control and thermal integration with the 
fuel cell system but it is fairly large for the size fuel cell it supports (60 cm3 of PROX volume 
for a 100 W fuel cell). Much of the volume is consumed by regions where CO oxidation is 
not taking place (the high and low temperature heat exchangers, the cooling channels, metal 
in the plates, and insulation between the heat exchangers and the reactor). Efforts must be 
made to decrease the volume of support components relative to actual reactor volume. 
1.10.5 PROX Reactor with Flat Panel Heat Exchangers between Metal Foams 
 Brooks et al. [21] reported a multi section reactor similar to the one developed by [18] 
where heat exchangers are placed between catalyst sections for temperature control. A total 
of four catalyst chambers where used with flat panel microchannel heat exchangers inserted 
between each bed. A drawing of the reactor design is shown in Figure 21. The report did not 
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describe details about the heat exchanger geometry or performance other than that they 
provide excellent temperature control per unit volume and low pressure drop. The sequence 
of catalyst beds and compact heat exchangers allowed for efficient use of space with the 
catalyst region occupying 70% of the reactor volume (excluding the reactor shell and piping). 
 
Figure 21: Multi step PROX reactor. Flat panel heat exchangers between metal foam 
sections for temperature control [21]. 
 
Additional control was achieved by adding oxygen to each stage rather than adding 
all oxygen at the reactor inlet. The catalyst bed length was shortest in the first bed where heat 
generation was greatest and increased in each bed down stream. Similarly, catalyst loading 
was lowest in the first bed and increase in each following beds because activity decreased 
along the reactor length as the total O2 concentration decreased. An otherwise unidentified 
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non-precious metal catalyst was used in the first three beds to reduce CO concentrations from 
1% to 300 ppm. A precious metal catalyst was used in the last stage to bring CO 
concentrations below 10 ppm. Metal foam was used as a catalyst support because of its high 
thermal conductivity. The foam was in direct contact with the heat exchangers so that 
conduction heat transfer through the metal as well as convection through the gas stream 
could aid the temperature control effort in the reactor. Oil was used as coolant in the heat 
exchangers.  
 The reactor performed well in experiments by successfully reducing CO from 1% 
down to below 10 ppm while maintaining selectivity at around 50%. The CO concentration 
as well as the O2/CO ratio in each section is plotted in Figure 22. GHSV was 93000 for the 
whole reactor. The flow contained the equivalent of 2 kW in hydrogen (the power released 
by oxidizing the hydrogen stream). The temperature profile in the reactor is plotted in Figure 
23. Temperature variation in the reactor is about +/- 10 °C. 
 
Figure 22: CO concentration and O2/CO ratio present in each section [21]. 
Although the microchannel PROX reactor developed by [20] demonstrated superior 
temperature control (a smooth decline in temperature instead of a saw tooth axial profile), 
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this multi step reactor offers great volume savings while providing good PROX performance 
in terms of CO conversion and CO selectivity. The exact volume of this reactor was not 
given. A theoretical PROX reactor sized for a 50 kW fuel processor (or a 25 kW fuel cell 
with 50% efficiency) was reported to have an estimated volume of 7 liters and mass of 6.6 kg 
based on direct scaling of this 2 kW prototype. The reactor design is almost identical to the 
one proposed for this project. The compact microchannel heat exchanger design for this 
project has the potential to reduce the reactor volume even more. The virtue in continuing 
this project is in experimenting with new heat exchangers, optimizing the size of the reactor 
sections, testing new catalysts, developing a more flexible reactor design, etc. 
 
Figure 23: Temperature profile and fractional CO conversion along the reactor’s length [21]. 
1.10.6 Comparison of Reactor Designs 
 Table 1 compares the characteristics and performance of several of the reactors 
described in this review. The plate fin heat exchanger [19] with catalyst directly washcoated 
on the heat exchanger walls ranks the best in the ratio of power to volume. Selectivity was 
not reported for this reactor so it is possible that hydrogen consumption was significant. The 
comparison is even because each reactor uses a different catalyst and reactor performance is 
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greatly dependent on the catalyst. Also, gas stream composition and oxygen addition was not 
the same in the different designs. 
Table 1: Comparison of the different reactors described in this review. 
 
*Fuel cell power is based on a fuel cell capable of converting 50% of the available hydrogen 
from the fuel processor into electrical power. **Heat exchanger volume in the reactor was 
not reported. 
  
Research Study: 
 
Pan et al. [18] 
 
Dudfield et al.[19] 
 
Delsman et al. [20] 
 
Brooks et al.[21] 
 
Reactor Design: 
 
 
Multi stage with 
plate fin heat 
exchangers 
between stages. 
Plate fin heat 
exchanger reactor. 
 
 
Microchannel heat 
exchanger reactor. 
 
 
Multi stage with 
microchannel heat 
exchangers 
between stages. 
Catalyst: 
 
Platinum 
 
Pt-Ru on hopcalite 
 
Pt-Ru/α-Al2O3 
 
Precious and non-
precious metal 
Catalyst Support: 
 
Monolith 
 
Heat exchanger 
walls 
Channel walls 
 
Metal foam 
 
Oxygen Addition: 
 
At each stage 
 
All at the inlet 
 
All at the inlet 
 
At each stage 
 
Reactor Volume (L): 
 
>1.2** 
 
4 
 
0.06 
 
7 
 
Reactor Mass (kg): 
 
-- 
 
-- 
 
0.15 
 
6.6 
 
Inlet CO  
Conc. (ppm): 
 
15000 
 
7000 
 
5000 
 
10000 
 
Outlet CO  
Conc. (ppm): 
 
50 
 
12 
 
10 
 
10 
 
CO Conversion (%): 
 
99.7 
 
99.8 
 
99.8 
 
99.9 
 
CO Selectivity (%): 
 
-- 
 
-- 
 
-- 
 
~50 
 
Fuel Cell Power (kW): 
 
5* 
 
20 
 
0.1 
 
25* 
 
Power/Volume (W/L): 
 
<4170 
 
5000 
 
1670 
 
3570 
 
Special Feature: 
 
 
 
Thermal 
integration with a 
methanol steam 
reformer. 
 
Smooth, near 
isothermal axial 
temperature 
profile. 
 
Smooth, near 
isothermal axial 
temperature profile. 
 73- 95% heat 
recovery. 
Similar to the 
design in this 
project. 
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The reactors in Table 1 have not been rigorously optimized for size so it is likely that 
a highly volume efficient device could be built using any of the designs. The multi stage 
reactor with microchannel heat exchangers ranks well in power to volume ratio and achieved 
high CO conversion and CO selectivity. Using more compact heat exchangers could give this 
design an advantage over the others. 
1.11 Microchannel Heat Exchangers 
 The advantage of the microchannel heat exchangers used in this project is high heat 
transfer per unit volume and mass compared to other competitive heat exchangers, without 
high pressure drop. The increased performance is achieved because the heat exchangers have 
small hydraulic diameter in their passages (0.5 – 1.0 mm), thin wall thickness (around 60-70 
microns), many channels per flow cross sectional area, and consequently, a large ratio of 
surface area to volume. Coolant fluid (usually a liquid) flows in-plane around the bank of 
tubes inside the exchanger shown in Figure 24 [9]. The gas stream flows cross plane through 
the array of circular channels. An in-plane fluid with a relatively high heat capacity rate 
(m& *Cp) compared to the cross flow fluid results in a small temperature change (often 
negligible) for the in plane fluid over a relatively long distance (1 - 20 cm) and a relatively 
large temperature change (the order of the deference between the inlet temperatures of the 
two fluids) for the cross flow fluid over a short distance (1 - 4 mm). Liquid fuel on its way to 
the fuel processor reformer is a good candidate for the coolant fluid as was demonstrated by 
[18]. 
The unique heat exchangers made of nickel have been developed by Mezzo 
Technologies in Baton Rouge, LA. The process used to manufacture the heat exchangers is 
similar to that described by Harris et al. [10]. A sacrificial substrate with cross flow channel 
features (holes with cross section being: circular, rectangular, hexagonal, etc) is plated with 
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nickel. The substrate is then removed, and the remaining nickel shell is hollow with interior 
passageways for coolant flow between the tubes created by the channel walls. 
 
Figure 24: Microchannel heat exchanger showing coolant liquid flowing in-plane around the 
bank of tubes and reactant gas flowing cross plane through the array of circular channels [9]. 
 
1.11.1 Advantages of Microchannel Cross Flow Heat Exchangers 
A scaling analysis conducted by Kelly et al. [9] reveals that the heat transfer per unit 
volume scales with the ratio of porosity to channel diameter squared (α/D2) for a given set of 
fluid properties, flow conditions, required heat transfer, and tolerable pressure drop. The 
porosity (α) is the fraction of open area created by the round channels on the face of the heat 
exchanger. Therefore, by decreasing the channel diameter (D) while all other variables are 
held constant, significantly less heat exchanger volume is required to achieve desired heat 
transfer. Figure 26 displays experimental results of heat transfer performance per volume 
versus the velocity of the cross flow gas (air) for Mezzo microchannel heat exchangers. The 
microchannel heat exchangers of Figure 25 feature rectangular channels of similar scale and 
concept to the circular ones used in this project. Published performance data for other 
 33 
commercial heat exchangers is included for comparison. The plot clearly shows the 
advantage of the microchannel heat exchangers over other designs in terms of heat transfer 
per volume.  
 
Figure 25: Heat transfer per volume versus cross plane air velocity [9]. 
 The microchannel designs achieve high heat transfer per volume but do not require 
large pressure differences to drive the gas flow. Figure 26 compares the pressure drop across 
commercial heat exchangers with Mezzo rectangular microchannel designs. While both the 
microchannel and the commercial heat exchangers require similar pressure differentials, the 
microchannel design has been shown to be superior in volume savings. 
 The microchannel heat exchangers also offer competitive performance in terms of 
heat transfer per weight. The fabricated nickel design in Table 2 from Harris et al. [10] ranks 
first in heat transfer per volume for a given pressure drop (175 Pa) and surpasses two high 
performance radiators in heat transfer per weight. The ceramic, aluminum, and the aggressive 
designs were not actually built. The fabricated nickel design is similar to the design for this 
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project except that the channels are hexagonal in cross section instead of circular. The 
fabricated plastic heat exchanger is not applicable for the PROX reactor because it cannot 
withstand the high temperatures. 
 
Figure 26: Pressure drop versus cross plane air velocity [9]. 
Table 2: Comparison of microchannel heat exchangers to high performance radiators [10]. 
 
1.11.2 Heat Exchanger Model 
An analytic model described in [9] was developed at Mezzo Technologies to predict 
the performance of the heat exchangers. The model was used to iteratively design the heat 
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exchangers for this project by adjusting input parameters until the model outputs were 
satisfactory. Design variables include the heat load that must be transferred by the heat 
exchanger, inlet and exit temperatures of both fluids, mass flow rates of the fluids, heat 
exchanger geometry, inlet pressures, and allowable pressure drop for both fluids. Another 
variable is how much space is available for the heat exchanger to occupy. Certain design 
variables may be fixed by the application. The heat load for example, may be set by the 
amount of heat that must be removed from the reactor. 
Inputs to the model include thermophysical properties of the fluids, fluid conditions 
and panel characteristics. The required thermophysical properties are the thermal 
conductivity, specific heat, viscosity and density of both fluids over the relevant temperature 
range. Fluid conditions are values of the mass flow rates of the fluids, inlet temperatures, 
required heat transfer, and inlet pressures. Panel characteristics include the dimensions of the 
heat exchanger, the plated material thickness, dimensions of the individual flow channels, 
and the transverse and longitudinal spacing between channels. Fluid exit temperatures are 
calculated using the first law of thermodynamics and the specified heat load as shown in 
equation (9). Heat transfer between the two fluids in the heat exchanger is a function of NTU 
and the ratio of heat capacity rates of the two fluids as shown in equation (10). The NTU 
(number of heat transfer units) defined in equation (11), is a dimensionless parameter used 
for heat exchanger design and analysis. 
 
)()(
,,,,,, inliquidoutliquidliquidpliquidingasoutgasgaspgas TTCmTTCmq −=−−= &&   (9) 
Where:         
q  = specified heat load (W)      
m&  = fluid mass flow rate (kg/s)      
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pC  = specific heat (kJ/kg*K)      
      T        = temperatures entering and exiting the heat exchanger (K) 
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Where:         
UA  = the overall heat transfer coefficient (W/K)    
gash  = the gas-side convection heat transfer coefficient (W/m2*K) 
channelP  = perimeter of a single gas channel (m)    
channelL  = length of the gas channels (equal to the panel thickness) (m) 
channelN = number of channels       
The convection coefficient hgas, defined in equation (12), is strongly dependent on 
channel diameter and length. The channel length is usually less than the thermal development 
length. The channel wall temperature is assumed to be constant and equal to the liquid 
coolant temperature because the in-plane coolant has a high heat capacity rate relative to the 
gas and the thermal resistance between the in-plane coolant and the channel walls is 
negligible. For thermally developing laminar flow in the circular channels with constant wall 
temperature, the Nusselt number is usually around 5 or 6 [9]. The model calculates the 
Nusselt numbers for both fluids using heat transfer correlations. 
h
gaschannel
gas D
kNu
h =
       (12) 
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      Where:  
  channelNu = Nusselt number in the circular channel   
gask   = thermal conductivity of the gas (W/m*K)  
hD   = channel diameter (m)    
The model uses the NTU method to calculate the overall heat transfer coefficient required to 
achieve the specified heat load and the overall heat transfer coefficient that is actually 
provided. Inputs must be adjusted when the provided overall heat transfer coefficient is 
insufficient. The same iterative process can be used to find the inputs necessary to achieve 
desired pressure drops, porosity, and exit temperatures. 
 The pressure drop experienced by the gas flowing cross plane is calculated with 
equation (13) assuming laminar flow. 
2
32 2
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Where:       
             gasV     = velocity of the gas in the channels (m/s)  
gasµ  = viscosity of the gas (N*s/m2)  
      K        = combined inlet and exit loss coefficient  
(usually set at a conservative value of 1.5) 
gasρ  = density of the gas (kg/m3)   
 Experimental results reported by [9] confirm the model’s ability to predict the heat 
exchangers’ behavior. Heat transfer is well characterized with model predictions within a few 
percent of experimental values as shown in Figure 27. The model is a useful tool for 
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designing heat exchangers for the PROX reactor that provide sufficient heat transfer with 
minimal pressure drop and volume. 
 
Figure 27: Heat transfer per frontal area versus air velocity, water flow rate is 7.24 L/min 
and the panel frontal area is 124 cm2 [9]. 
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Chapter 2. Heat Exchanger Design 
2.1 Heat Load 
The model described in the literature review section was used to design the heat 
exchangers for the PROX reactor. The model requires several inputs including fluid mass 
flow rates, inlet temperatures, heat load, fluid properties, and panel geometry. The amount of 
heat that must be removed by the heat exchangers is equal to the heat released during the 
oxidation reactions in equations (3) and (4). The heat released in a PROX reactor depends on 
the size of reactor needed for a fuel cell. The heat exchangers are conservatively sized to 
absorb a load calculated by assuming all oxygen is consumed by the more exothermic CO 
oxidation reaction (∆Hor, 298K = -283 kJ/mol). Assuming a surplus of CO is present, the heat 
release depends on the molar flow rate of O2 consumed as described in equation (14). The 
flow rate of O2 consumed is multiplied by 2 in equation (14) because the energy release is 
per mol of CO or per ½ mol of O2. 
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The temperature rise of the gas stream is found using equation (15). 
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2.2 Adiabatic Temperature Rise 
The greatest temperature rise possible is the adiabatic temperature rise resulting from 
complete conversion of the highest O2 concentration used. The adiabatic temperature rise 
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based on CO oxidation is calculated by combining equations (14) and (15) and solving for 
(∆Trise gas) as shown in equation (16). Note that the adiabatic temperature rise is directly 
proportional to oxygen concentration. The maximum possible temperature rise corresponds 
to reaction temperatures far outside of the ideal range. The desired temperature rise of the gas 
stream is dictated by the optimal operating temperature range of the catalyst. The design 
presented here is based on the adiabatic temperature rise, which represents the maximum heat 
removal requirement. 
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2.3 Gas Flow Rate 
The flow rate of the gas depends on the application of the fuel cell and its size. The 
maximum flow rate for this study is limited to 13 L/min at 298 K so that gas tanks are not 
exhausted at an unreasonably rapid rate (more than one tank of Argon and Hydrogen per day 
of testing). The mass flow rate of the gas is calculated by multiplying the density of the gas 
mixture by the volume flow rate. Calculating the density requires the molecular weight of the 
gas stream. Calculations are based on a gas stream is composed of 40% H2, 1% CO, 9% CO2, 
37.5% Ar, 0.5% O2, and 12% H2O by volume. Table 3 displays properties of the gas stream 
at 400 K. The optimal operating temperature of the reactor is expected to be in the range of 
100 to 200 °C (373 to 473 K) based on previous work with the same catalyst [15, 16]. 
 
 41 
Table 3: Gas stream properties at 400 K 
 
The gas constant R is obtained by:  
Kkg
kJ
kmol
kg
Kkmol
kJ
M
RR
*
372.0
36.22
*
314.8
⋅=
⋅
⋅
==  
Assuming the pressure inside the reactor is atmospheric, and the average temperature in the 
heat exchanger is 400 K, the density is calculated using the ideal gas law:  
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The volume flow rate of 13 L/min at 298 K yields 0.000291 m3/s at 400 K. The mass flow 
rate is:  
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And the molar flow rate of O2 is: 
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Mole  
Fract. 
x(i) 
Molec.  
Weight 
M(i) 
Mass 
per 
Mole of 
Mixture 
Mass  
Fract. 
Thermal 
Cond.  
(400 K) 
k(i) 
Viscosity  
(400 K) 
mu(i) 
Specific 
Heat 
(400 K) 
Cp(i) 
Mass 
Fraction * 
Specific 
Heat 
    % g/mol g/mol % W/(m*K) N*s/m^2 KJ/(kg*K) KJ/(kg*K) 
H2 1 0.4 2 0.8 0.036 0.226 1.08E-05 14.48 0.518 
CO 2 0.01 28 0.28 0.013 0.032 2.18E-05 1.049 0.013 
CO2 3 0.09 44 3.96 0.177 0.024 1.90E-05 0.942 0.167 
Ar 4 0.375 40 15 0.671 0.022 2.89E-05 0.52 0.349 
O2 5 0.005 32 0.16 0.007 0.033 2.58E-05 0.942 0.007 
H2O 6 0.12 18 2.16 0.097 0.026 1.34E-05 2.014 0.195 
M of Gas Stream: 22.36    Cp of Gas Stream: 1.248 
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The heat released by complete consumption of the O2 for CO oxidation is: 
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The heat exchanger must therefore transfer 25 W from the gas stream to the coolant. From 
Figure 14 the specific heat of the stream is 1.248 kJ/(kg*K). The adiabatic temperature rise is 
therefore: 
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Assuming the gas temperature entering the catalyst bed is 100 °C then the 
temperature leaving the bed will be 200 °C. The gas temperature will return to 100 °C after 
passing through the heat exchanger designed to remove 25 W from the gas stream flowing at 
13 L/min (at 298 K) with an upstream gas temperature of 200 °C.  
2.4 Coolant Oil 
Calculations and experimental results show that the gas temperature exiting the heat 
exchangers is approximately equal to the coolant fluid temperature because of the robust 
design. The coolant temperature is therefore set at the desired catalyst bed entrance 
temperature. The heat exchangers could be more volume efficient by accepting exit gas 
temperature slightly greater than the coolant temperature but at a loss of process control. The 
coolant temperature will not change significantly because of the relatively high coolant heat 
capacity rate compared to the gas stream (two orders of magnitude greater). The coolant flow 
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rate through each heat exchanger is maintained at 0.75 L/min. Coolant density at 150 °C is 
906 kg/m3 and specific heat is 1.9 kJ/(kg*K). The heat capacity rate of the oil is: 
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The heat capacity rate of the gas stream is: 
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The oil’s properties (density, specific heat, thermal conductivity (k = 0.1 W/(m*K) @ 150 
°C), and viscosity (µ =  0.01 (N*s)/m2 @150 °C)) are entered into a data sheet for the model 
to read. 
2.5 Gas Stream Properties 
The model requires accurate values of thermal conductivity of the gas stream. Values 
for each component of the stream are readily available in tables. Bird, Stewart, and Lightfoot 
[22] offer a semi-empirical equation shown in equation (17) for calculating the thermal 
conductivity of a mixture of gasses at low density based on the composition of the mixture 
and the properties of each component. 
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The viscosity µ(i), mole fraction x(i), molecular weight M(i), and thermal conductivity k(i) 
for each component of the gas stream are listed in Figure 13 above, and n is the number of 
components present in the stream (for this case n = 6). A short Matlab program included in 
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the appendix is used to compute equation (12). The resulting thermal conductivity for the 
mixture at 400 K is kmix = .0774 W/(m*K). The gas’s properties (density, specific heat, gas 
constant R, and thermal conductivity) are entered into a data sheet for the model to read. 
2.6 Panel Geometry 
The frontal area of the exchanger is set by the reactor cross section (2.54 cm diameter 
circle). The heat exchangers were manufactured with a slightly larger square frontal area of 
2.54 cm by 2.54 cm but the effective frontal area is only the circular cross section of the 
reactor because no gas flows through the square corners. For initial geometry inputs, the 
panel thickness is 3 mm and the nickel plating thickness is 60 microns (a typical value). The 
initial hole pattern geometry is described below and in Figure 28: 
Hole diameter = 838 microns (0.033”) 
Inner hole diameter after plating = 832 – (2*60) = 718 microns 
SL = ST = 1.1 mm  
 
Figure 28: Hole pattern diagram. 
Channel dimensions are adjustable to satisfy the pressure drop, heat load and heat 
transfer coefficient requirements. Smaller channels in a dense array will transfer heat faster 
but the pressure drop rises for both fluids. At some point manufacturing smaller and smaller 
holes becomes impractical depending on the available equipment. 
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2.7 Heat Exchanger Model 
 After the inputs are determined and entered into the model, the model shows whether 
the geometry of the heat exchanger corresponds to an adequate overall heat transfer 
coefficient. For the inputs described above, the model calculates the overall heat transfer 
coefficient UA to be 0.941W/K, and the required UA based on design criteria to be only 
0.936 W/K. This heat exchanger design will therefore be adequate to remove the heat 
produced during the most demanding experiments with the PROX reactor. The model 
calculates the pressure drop across each exchanger to be 0.034 inches of water. Even with 
many heat exchangers in series, this is a negligible pressure drop. The pressure drop of the oil 
is calculated to be 1.4 psi, which is much lower than the pressure of up to 30 psi developed 
by the gear pump. An example of the model’s input windows (the first two windows) and 
output windows (the last two windows) is shown in Figure 29. 
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Figure 29: Example of the input and output windows for the heat exchanger model. 
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Chapter 3. Experimental Apparatus and Procedure 
3.1 Overview of the System 
 
Figure 30: PROX reactor system layout. 
 A layout diagram of the reactor system is shown in Figure 30. The gas stream 
simulates the output of a WGS reactor with a composition of 40% H2, 9% CO2, 12% H2O, 
1.0% CO, 0.5% O2, and a balance of 37.5% Ar. The gas stream begins flow in the top right 
hand corner from gas cylinders. A small, precisely controlled flow of liquid water is sent to 
an electric heater by the syringe pump. The heater vaporizes the water into steam for mixing 
with the other gasses. Any pressure requirements in the steam line are automatically met by 
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the constant displacement of the syringe. The other four gasses are supplied by tanks in the 
lab. Regulators control the pressure of each gas. Rotameters are used to measure the flow of 
the gasses. All tubing and valves in contact with by the hot gasses are stainless steel. The 
steam-containing gas stream is preheated to the desired process temperature by the first heat 
exchanger in the reactor. Oil is used as the in-plane fluid for heating in the preheat section 
and cooling in the rest of the reactor. Following the preheat, the stream encounters the first 
catalyst bed where reaction heat will cause the temperature to rise. The second heat 
exchanger removes the heat generated in the first catalyst bed. The stream continues through 
the series of heat exchangers and catalyst beds with temperature rising and falling. The 
number of stages in the reactor is unlimited but initial tests used two stages. The last heat 
exchanger cools the gas to the inlet temperature so that both catalyst beds are bounded by 
constant temperatures (the oil temperature) upstream and downstream. Most reaction 
products are vented through a fume hood while a small percentage of the exit stream is feed 
to a mass spectrometer for composition analysis. The mass spectrometer cannot receive 
steam so the condenser is used to collect any water in the stream before it reaches the mass 
spectrometer. The mass spectrometer quantifies the CO and O2 concentrations in the exit 
stream. A sample line upstream of the reactor allows the mass spectrometer to determine the 
CO and O2 concentration in the inlet stream. The inlet and exit concentrations of CO and O2 
are used to calculated CO conversion and selectivity.  
For safety regarding gas leaks and fire, the reactor itself and all components operating 
at elevated temperatures are installed inside a fume hood as shown in Figure 31. Carbon 
monoxide is poisonous and hydrogen is explosive. The lab is also equipped with a carbon 
monoxide, hydrogen, and flammable gas detector. 
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Figure 31: PROX system in the fume hood. 
3.2 Gas Composition 
The gas stream (40% H2, 9% CO2, 12% H2O, 1.0% CO, 0.5% O2, and a balance of 
37.5% Ar) used for this study simulates the output of a water gas shift reactor positioned 
directly upstream of the PROX reactor except that argon is substituted for nitrogen. Nitrogen 
typically makes up the balance of the gas stream, but the mass spectrometer used to record 
the gas composition cannot distinguish CO from N2 because both have molecular weight of 
28. Argon is therefore used to replace the nitrogen balance. Nitrogen and argon are both 
inactive in the PROX reactor so switching them is not expected to affect the reaction kinetics. 
Argon does, however, have an unusually low specific heat. Consequently, the substitution of 
argon results in a higher adiabatic temperature rise during CO oxidation than if nitrogen were 
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used as a balance. The higher temperature rise will increase the reaction rate and could affect 
the measured CO conversion and selectivity. If anything, the substitution of argon will be 
detrimental to performance and the experiments will be a conservative simulation of real 
PROX behavior.  
Measuring CO selectivity requires that the O2/CO ratio is less than ½ or that CO 
conversion is less than 100%. If CO conversion is 100% and O2/CO > ½ then it is impossible 
to determine if H2 and CO oxidize simultaneously until CO conversion is complete or if H2 
only oxidizes after CO conversion is complete, and therefore it is impossible to determine the 
true CO selectivity. Oxygen concentration has a strong effect on reaction behavior. Higher 
O2 concentrations can increase activity and therefore can increase the heat release and the 
temperature rise. During certain experiments, the O2/CO ratio was increased above ½ by 
increasing O2 concentrations. O2 concentrations were increased to increase the temperature 
rise in the catalyst beds and to demonstrate the heat exchangers ability to carry large heat 
loads. Fortunately, during the O2/CO > ½ experiments, CO conversion was always less than 
100%, so CO selectivity could be measured. 
3.3 Steam Generation 
 The syringe pump required calibration for the particular syringe used in the 
experiment. The pump turns a drive screw to push the plunger of the syringe. The flow rate 
from the syringe depends on how fast the drive screw turns. A processor inside the pump 
calculates the correct rpm to turn the screw for a desired flow rate based on the inside 
diameter of the syringe. The desired flow rate and syringe inside diameter are the input 
variables to the pump. Calipers were used to measure the inside diameter of the syringe but it 
is impossible to obtain a perfect measurement on the inside with the flat caliper jaws. The 
measured value was entered into the pump’s digital control and tests were conducted. The 
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fluid was pumped though 1/16 inch tubing to a beaker on a scale. As the fluid flows into the 
beaker, the scale reads a change of mass and a watch measures the time elapsed. The real 
flow rate is calculated and the syringe diameter value is adjusted accordingly to push the 
programmed flow rate closer to the real flow rate. The water in the beaker evaporated fast 
enough to give an inaccurate reading until a layer of mineral oil was added to prevent further 
evaporation. The iteration was repeated until an error of less than 3% was obtained.  
The molar flow rate of steam in the reactor is equal to the desired volume percentage 
of steam multiplied by the total gas flow rate as shown in equation (18). 
12.0*23@2 s
molV
s
molV CgasOH °=     (18) 
A detailed example of the calculation of the liquid water flow rate for the syringe pump is 
available in the appendix. 
3.4 Oil System 
 The oil system is a separate loop providing the coolant fluid to the heat exchangers. A 
gear pump drives the flow in the loop while an immersion heater in the fluid reservoir 
maintains the oil at temperature. The pumps maximum pressure is 80 psi, and is protected 
with an adjustable pressure relief valve set at 30 psi to prevent excessive wear on the gear 
teeth. A PID temperature controller regulates the heater’s output to the oil. Synthetic silicon 
based heat transfer fluid is used as the oil in the loop because of its resistance to oxidation 
and fouling. A 25 micron (nominal) sintered bronze filter is located on the pressure side of 
the pump to prevent any large particles from clogging the heat exchangers. Three magnets 
inside of the pipe upstream of the bronze filter aid in collecting steel particles from the pipes 
and the pump’s gear teeth. Finer particles are filtered with a 5 micron (absolute) filter. The 
fine filter is limited to 120 °C (250 °F) so it cannot be used continuously during higher 
temperature experiments. Instead, the fine filter is used as the oil is heating up before 
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experiments. In addition to the pressure relief valve, a second by-pass line is fitted with a ball 
valve for flow control. The system of valves allows the oil flow to be directed through 
different paths in the system (the fine filter only, for example) and for portions of the system 
to be sealed off during maintenance. The reducing coupling upstream of the pump is used to 
prime the pump when the pipes are empty. Pressure gauges display the pressure directly 
downstream of the pump and downstream of the sintered bronze filter. Oil flow meters 
display the coolant flow rate through each heat exchanger in the reactor. Thermocouples 
before and after the middle heat exchanger and the flow meter provide information for 
calculating the heat transferred to the oil. Every component of the oil system except for the 5 
micron filter is rated to at least 375 F.  
3.5 Temperature Measurement 
 Thermocouples measure the temperature throughout the reactor. The tips of the 
thermocouples are positioned near the beginning and end of each section of metal foam to 
measure the temperature rise in each catalyst bed. Thermocouples also measure the 
temperature of the coolant oil as it enters and exits the first two heat exchangers. Additional 
thermocouples are located at the reactor inlet and exit and immediately downstream of the 
chiller. The distribution of thermocouples is shown above in the system layout in Figure 30. 
Signals from the thermocouples are collected by a National Instruments module and recoded 
by Labview 8 on a computer. If the temperature rise in a section of catalyst is too high or 
small the bed length can be shortened or lengthened accordingly. In one possible design 
scheme the first catalyst bed will be the shortest with each succeeding bed increasing in 
length because the O2 concentration decrease as the stream travels along the reactors length. 
Decreasing O2 concentrations result in less reaction activity and slower temperature rise. 
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Therefore, achieving the same temperature rise in each bed will require successive beds to 
increase in length. All data presented here corresponds to two catalyst beds of equal length 
3.6 Reactor Design 
 The modular reactor design can be adjusted to measure different mechanisms 
affecting performance within the reactor. A modular design allows control of the frequency 
of heat exchangers in between the catalyst beds, and also allows the bed length to change. 
The reactor must seal the gas stream from the atmosphere and from the coolant oil, so each 
modular section must seal against the other. Seals must function at temperatures as high 200 
°C. A small scalable reactor is desirable to reduce the cost of materials, especially the 
catalyst which often contains expensive metals, and to save space in the lab. The reactor 
cannot be too small because boundary effects like heat loss through the reactor walls will 
blur data in the centerline of the reactor. A circular reactor cross section of 2.54 cm (1”) 
diameter was chosen based on previous experiments reported by Roberts et al. [15] and Chin 
et al. [16]. This design features three piece heat exchanger manifolds fitted to stainless steel 
tubing housing the sections of metal foam. The heat exchanger manifolds and catalyst 
housing sections are pressed together between the inlet and exit ports using all-thread and 
nuts. Viton rubber o-rings (size 028) seal the interface between the modular reactor 
components (heat exchanger manifolds, catalyst housings, and inlet and exit ports). 
3.7 Heat Exchanger Manifolds 
The heat exchanger manifolds are machined from type 303 stainless steel for strength 
and corrosion resistance. Type 303 stainless is similar to general purpose type 304 except 
that type 303 has added sulfur for increased machinability. The manifolds require many 
machining operations making high machinability a priority. Figure 32 displays the three 
piece manifold concept using polymer seals that is effective in fitting the heat exchangers  
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Figure 32: Three piece heat exchanger manifold with polymer seals. 
into the reactor. Inlet and exit ports are 1/8” NPT stainless steel pipe couplings TIG welded 
to the outer sections of the manifold. Stainless steel 3/8” long 1/4”-20 socket head cap screws 
hold the pieces together and compress the gaskets and o-rings. Anti-seize prevents the screws 
from galling. The small gaskets, cut from a 0.79 mm (0.03125”) thick sheet of Teflon using a 
laser cutter, seal the coolant oil from the gas stream. The gaskets compress and seal against 
the thin edge of the heat exchangers without restricting flow though the panel. Proper 
compression was achieved by adjusting the length of the heat exchanger panels. Longer 
panels compress the gaskets more than shorter panels because the distance between the 
gaskets is fixed by the manifold geometry. The panels were originally cut to 30.38 mm 
(1.200”) length using a wire EDM machine. Panel length was reduced to 29.72 mm (1.170”) 
by lapping the edges on 320 grit sand paper. Each gasket was compressed approximately 
0.41 mm (0.016”) after assembling the manifold. The sealed manifolds were pressure tested 
to 30 psi with air at room temperature and to 30 psi with oil at 175 °C. The gear pump used 
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to pump the oil dead heads at 80 psi but it is fitted with a pressure relief valve set at 30 psi. 
The gas stream chamber of the reactor operates at approximately atmospheric pressure, so 30 
psi is the maximum pressure the manifolds will see. Viton rubber o-rings (size 019) seal the 
gas stream inside the manifold from the atmosphere. The heat exchangers are removable, so 
different heat exchanger designs can be interchanged in the reactor without fabricating new 
manifolds. Simply unscrew the manifold, remove the heat exchanger, insert a new heat 
exchanger, and screw the manifold back together. 
3.8 Catalyst Housing 
 The catalyst housings shown in Figure 33 were designed as thin as possible to reduce 
transient thermal conditions by reducing the mass surrounding the catalyst beds. The catalyst 
housings self align with the manifolds by fitting into the square cavity of the manifolds. A 
picture displaying the catalyst housing fitting into the manifold is shown in Figure 34. The 
stainless steel reactor housing improves performance because it acts like a fin conducting 
heat away from the reaction and transferring it to the manifold and finally to the coolant oil, 
thus bringing the reactor closer to isothermal. Aluminum would do an even better job of 
equalizing the temperature and transferring heat to the oil because its thermal conductivity is 
ten times that of stainless steel, so aluminum may be used in later designs. A housing 
material with high thermal conductivity may improve performance but it will also prevent 
accurate measurement of the adiabatic temperature rise in the catalyst sections. Stainless steel 
is therefore an appropriate material for conservatively simulating the worst case adiabatic 
condition between heat exchangers so that heat exchanger performance is highlighted. 
3.9 Reactor Design Features 
 The modular design concept makes this PROX reactor well suited for a wide variety 
of experimental conditions. Longer catalyst beds result in lower GHSV at constant linear  
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Figure 33: Catalyst housing. 
 
Figure 34: Catalyst housing self aligning with the manifold. 
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velocity, longer residence time, higher temperature rise, and compensates for decreasing O2 
concentrations as the gas stream moves through the reactor. Shorter catalyst beds result in 
higher GHSV, lower temperature rise, higher heat exchanger frequency in the reactor, and a 
more isothermal axial temperature profile. More heat exchangers and catalyst beds can be 
added to simulate a larger reactor capable of processing higher flow rates. Each heat 
exchanger manifold has its own flow line instead of one header directly supplying all the heat 
exchangers. Valves added to the inlet port of each manifold adjust the flow in each heat 
exchanger independently. The heat exchangers also make the velocity profile of the flow 
more uniform before the flow reaches the catalyst beds. A 5.08 cm (2”) long piece of ceramic 
foam of 2.54 cm (1”) diameter placed upstream of the reactor further ensures a uniform 
velocity profile in the gas stream. Figure 35 shows the reactor with two catalyst beds and 
three heat exchangers.  
 
Figure 35: PROX reactor. 
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3.10 Insulation 
 The inside of a 12.7 cm (5”) cylinder of mineral wool was carved to fit around the 
reactor to minimize heat loss through the walls of the reactor to the atmosphere. Minimizing 
heat loss is important when demonstrating heat exchanger performance and, in the case of a 
PROX reactor thermally integrated into a PEM fuel cell system, all excess heat should be 
transferred to another component where heat is needed. The insulation system is shown in 
Figure 36. The temperature gradient between the reactor and the surroundings was 
minimized by bypassing some of the hot oil used as coolant in the heat exchangers through a 
copper coil wrapped around the mineral wool insulation. Another layer of mineral wool 5.08 
(2”) thick was then added around the copper coil. Quick release band clamps secure the 
layers of insulation in place. 
  
  
Figure 36: Reactor insulation. 
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3.11 Experimental Procedure 
3.11.1 Steam 
 Experiments conducted with steam were unsuccessful. No temperature rise was 
observed and no CO or O2 conversion was measured when 1% steam was included in the gas 
stream. No tests were made with 12% steam due to the unsuccessful results with 1% steam. 
Understanding the problem associated with steam requires more investigation. The steam 
and/or gas supply lines could be contaminated or rusting. The heater used to vaporize the 
liquid water into steam should be modified to heat the water more evenly. Steam in the feed 
stream was not necessary for demonstrating the performance of the heat exchangers so steam 
was omitted and the balance was made up with argon. The absence of steam, while 
maintaining 9% CO2 in the feed, pushes the WGS equilibrium towards converting more H2 
and CO2 into H2O and CO. In other words, omitting steam may reduce PROX performance 
by increasing r-WGS activity which decreases the observed CO conversion. 
3.11.2 Test Conditions 
 Tests were conducted at inlet temperatures of 100, 125, and 150 °C. One section of 
catalyst supported on metal foam was used in each of the two catalyst housings in the reactor. 
The catalyst was 5wt% Pt with 0.5wt% Fe as a promoter. The metal foam was characterized 
as having 40 pores per inch (ppi) and 4% density (96% void volume). Each piece of metal 
foam was 2.54 cm in diameter and 1.27 cm long. The volume flow rate of the gas stream at 
298 K was 6.44 L/min resulting in a GHSV of 30000 1/hr. The gas composition was 40% H2, 
1% CO, 9% CO2, 0.5% O2, and 49.5% Ar.  Additional experiments were performed at 100, 
125, and 150 °C, 12.87 L/min, 60000 1/hr GHSV, with the inlet O2 concentration varying 
from approximately 0.5% to 1.2%.  
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3.11.3 Procedure 
 The experiments were performed by the following procedure: 
1. The reactor was assembled with the catalyst sections installed.  
2. The reactor exit valve was shut. Argon was sent to the system until the pressure in the 
reactor reached 5 psi. The inlet valve was closed. After maintaining pressure for 15 
min, the system was declared sealed and pressure was released by opening both 
valves. 
3. The oil heater and the oil pump were turned on. The oil temperature was set to 100 
°C. Oil was sent through the 5 micron filter until the oil temperature reached 100 °C. 
Oil flow through each heat exchanger was maintained at 0.75 L/min throughout all 
experiments.   
4. The data acquisition system for the mass spectrometer and the thermocouples was 
turned on and set to record continuously until the experiments were complete. 
5. The catalyst was oxidized for two hours at 230 °C. Band heaters were used to 
maintain the catalyst beds at 230 °C. Coolant flowing through the heat exchangers 
protected the polymer seals from temperatures above their rating (Teflon – 232 °C, 
viton – 204 °C). A variable voltage output transformer (variac) controlled the heat 
output of the band heaters. The reactor was purged with argon for 30 min to drive off 
all oxygen. The catalyst was reduced in hydrogen at 230 °C for two hours. After 
reduction, the band heaters were turned off. 
6. Coolant flow to the middle heat exchanger was shut off. 
7. The flow rate of each gas except oxygen was adjusted to achieve the desired 
composition at a total flow rate of 6.44 L/min. 
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8. Approximately 0.5% oxygen was introduced after the rest of the gas stream was 
stabilized. 
9. A gas sample upstream of the reactor was sent to the mass spectrometer to measure 
composition. 
10. The gas stream was adjusted if the composition was incorrect. 
11. A gas sample downstream of the reactor was sent to the mass spectrometer to 
measure composition. 
12. Temperature and gas composition data was collected after the temperatures and the 
downstream gas composition stabilized. 
13. The coolant oil temperature was increased to 125 °C (thereby increasing the reactor 
inlet temperature from 100 °C to 125 °C). 
14. Steps 9 – 12 were repeated. 
15. The coolant oil temperature was increased to 150 °C. 
16. Steps 9 – 12 were repeated. 
17. Coolant flow to the middle heat exchanger was turned on. 
18. Steps 11 and 12 were repeated. 
19. The coolant oil temperature was decreased to 125 °C. 
20. Steps 9 – 12 were repeated. 
21. The coolant oil temperature was decreased to 100 °C. 
22. Steps 9 – 12 were repeated. 
23. The total gas flow was increased to 12.87 L/min at 298 K while maintaining the same 
composition. 
24. The oxygen concentration was increased to approximately 1%. 
25. Steps 9 – 12 were repeated. 
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26. Coolant flow to the middle heat exchanger was shut off. 
27. Steps 11 and 12 were repeated. 
28. The coolant oil temperature was increased to 125 °C. 
29. The oxygen concentration was decreased to approximately 0.75%. 
30. Steps 9 – 12 were repeated. 
31. Coolant flow to the middle heat exchanger was turned on. 
32. Steps 11 and 12 were repeated. 
33. Steps 25 – 27 were repeated with the coolant oil set to 150 °C and the inlet O2 
concentration set at approximately 0.8%. 
34. Coolant flow to the middle heat exchanger was turned on. 
35. The oxygen concentration was increased to approximately 1.2%. 
36. Steps 9 – 12 were repeated. 
37. Steps 25 – 27 were repeated with the inlet O2 concentration set at approximately 
0.4%. 
38. All gas flows were turned off except for argon. The reactor was purged with argon for 
30 min. 
39. The oil pump, oil heater, and the argon regulator were turned off. 
3.12 Uncertainty Analysis 
 Uncertainty in the mean measured values of temperature and gas composition is 
assumed to be due to the resolution of the measuring instrument (u0), variation in the 
measured values over an interval of time (u1), and the uncertainty associated with the 
measuring instrument (uc). Other sources of error including fixed or biased errors are 
assumed to be negligible. Temperature data from the thermocouples was recorded by 
Labview 8. The fractions of CO and O2 present in the gas stream was measured by the mass 
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spectrometer and recorded by Dycor Process 2000 (data acquisition software for the mass 
spectrometer). Uncertainty due to resolution (u0) is assumed to be negligible for measured 
values of both temperature and gas composition due to the high resolution of Labview 8 and 
Dycor Process 2000 (greater than 4 decimal places). Assuming the variation of the measured 
values over an interval of time falls into a normal distribution (bell curve), u1 was found by 
equation (19) shown below based on a probability of 95% (95% of the measured values 
falling in the ± range of u1). 
u1 = ± tN-1,95S  (95%)    (19) 
Where:         
N = the number of data points in the data set   
tN-1,95 = t estimator obtained from the Student-t distribution 
   for N-1 degrees of freedom and 95% probability. 
S = standard deviation of the data set    
Instrument uncertainty (uc) for the thermocouples is ± 1.1°C. The mass spectrometer operator 
manual specifies instrument uncertainty of 2% the reading. Total uncertainty (u) for the mean 
measured values was calculated using equation (20).  
22
1 cuuu +±=      (20) 
The uncertainty of dependent variables that are functions of the measured values was 
calculated using equation (21). 
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Where: 
y        = dependent variable 
x1, x2, …xn = measured values or independent variables 
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u1, u2, …un = uncertainties of the measured values 
Equation (21) was used for calculating the uncertainty of CO conversion (XCO) [equation 
(5)], CO selectivity (SCO) [equation (6)], and the average of the oil temperatures entering and 
exiting the heat exchangers. 
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Chapter 4. Results and Discussion 
4.1 Results 
 Raw temperature and gas composition data is in the appendix. Calculated mean 
values for each data set, standard deviations, and uncertainty are also included with the raw 
data. The temperatures at heat exchangers 1 and 2 are assumed to be equal to the average of 
the oil temperatures entering and exiting the heat exchangers. Calculations of the heat 
exchanger temperatures, CO conversion, and CO selectivity along with the uncertainties 
propagated into the calculated values are also included in the appendix. Temperature data is 
show in the appendix in Tables 5-19. Gas composition data is shown in Tables 20-44. 
 The coolant temperature entering and exiting heat exchanger 3 was not measured. 
The temperature at heat exchanger 3 is therefore simply assumed to be equal to that of heat 
exchanger 1 since the coolant temperature never varied significantly. 
 Plots of the axial temperature distribution in the reactor and CO conversion and 
selectivity data under different conditions are shown below in Figures 37 - 44. Heat 
exchanger temperature data points in Figures 37 - 44 (HEX) represent the measured 
temperature of the oil and not the gas stream. Temperature points immediately down stream 
of the heat exchangers are measures of the gas temperature and they verify that the 
temperature of the gas exiting the heat exchangers is approximately equal to that of the 
coolant oil. 
4.2 Energy Balance 
 According to the first law of thermodynamics the heat released by the reactions is 
equal to the change in enthalpy of the gas stream and also equal to the product of the specific 
heat and the change in temperature of the gas stream. Nearly all the heat generated by the 
reactions in the gas stream was transferred to the coolant oil because the gas temperature  
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100 C inlet temperature, 0.6% inlet O2 concentration, 30000 1/hr GHSV.
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 % CO Conversion % CO selectivity 
HEX 2 off 46.8 ±2.3 56.4 ±5.1 
HEX 2 on 20.7 ±3.6 86.9 ±3.0 
 
Figure 37: Temperature versus position in the PROX reactor, CO conversion, and CO 
selectivity for 100 °C inlet temperature, 0.6% (nominal) inlet O2 concentration, and 30000 
1/hr GHSV. 
 67 
125 C inlet temperature, 0.6% inlet O2 concentration, 30000 1/hr 
GHSV.
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 % CO Conversion % CO selectivity 
HEX 2 off 52.7 ±1.0 52.9 ±2.9 
HEX 2 on 48.2 ±1.9 60.0 ±5.6 
 
Figure 38: Temperature versus position in the PROX reactor, CO conversion, and CO 
selectivity for 125 °C inlet temperature, 0.6% (nominal) inlet O2 concentration, and 30000 
1/hr GHSV. 
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150 C inlet temperature, 0.6% inlet O2 concentration, 30000 1/hr GHSV.
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 % CO Conversion % CO selectivity 
HEX 2 off 55.0 ±0.9 50.0 ±2.4 
HEX 2 on 56.6 ±2.0 51.7 ±3.0 
 
Figure 39: Temperature versus position in the PROX reactor, CO conversion, and CO 
selectivity for 150 °C inlet temperature, 0.6% (nominal) inlet O2 concentration, and 30000 
1/hr GHSV. 
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100 C inlet temperature, 1.0% inlet O2 concentration, 60000 1/hr GHSV.
0
50
100
150
200
250
300
350
0 2 4 6 8 10 12 14
Axial distance from the inlet thermocouple (cm)
Te
m
pe
ra
tu
re
 
(C
)
HEX 2 off
HEX 2 on
Cat. Bed 1
HEX 1
Cat. Bed 2
HEX 3
HEX 2
 
 % CO Conversion % CO selectivity 
HEX 2 off 54.7 ±8.1 28.0 ±4.4 
HEX 2 on 39.3 ±1.3 36.5 ±2.9 
 
Figure 40: Temperature versus position in the PROX reactor, CO conversion, and CO 
selectivity for 100 °C inlet temperature, 1% (nominal) inlet O2 concentration, and 60000 1/hr 
GHSV. 
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125 C inlet temperature, 1.0% inlet O2 concentration, 60000 1/hr 
GHSV.
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 % CO Conversion % CO selectivity 
HEX 2 off 52.5 ±1.7 28.3 ±2.0 
HEX 2 on 54.5 ±1.0 30.3 ±2.0 
 
Figure 41: Temperature versus position in the PROX reactor, CO conversion, and CO 
selectivity for 125 °C inlet temperature, 1% (nominal) inlet O2 concentration, and 60000 1/hr 
GHSV. 
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150 C inlet temperature, 0.8% inlet O2 concentration, 60000 1/hr GHSV.
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 % CO Conversion % CO selectivity 
HEX 2 off 53.3 ±1.0 35.2 ±2.0 
HEX 2 on 53.6 ±1.0 35.9 ±2.0 
 
Figure 42: Temperature versus position in the PROX reactor, CO conversion, and CO 
selectivity for 150 °C inlet temperature, 0.8% (nominal) inlet O2 concentration, and 60000 
1/hr GHSV. 
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150 C inlet temperature, 0.5% inlet O2 concentration, 60000 1/hr 
GHSV.
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 % CO Conversion % CO selectivity 
HEX 2 off 45.8 ±1.1 56.0 ±3.4 
HEX 2 on 40.5 ±1.9 53.1 ±4.0 
 
Figure 43: Temperature versus position in the PROX reactor, CO conversion, and CO 
selectivity for 150 °C inlet temperature, 0.5% (nominal) inlet O2 concentration, and 60000 
1/hr GHSV. 
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150 C inlet temperature, 1.2% inlet O2 concentration, 60000 1/hr GHSV, 
heat exchanger 2 on.
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 % CO Conversion % CO selectivity 
HEX 2 on -49.2 ±7.9 -20.9 ±3.5 
 
Figure 44: Temperature versus position in the PROX reactor, CO conversion, and CO 
selectivity for 150 °C inlet temperature, 1.2% (nominal) inlet O2 concentration, and 60000 
1/hr GHSV. 
 
exiting the reactor was approximately equal to the temperature entering. Therefore the heat 
generated is also equal to the product of the coolant heat capacity and the coolant 
temperature change. The heat released by the oxidation reactions (approximately equal to the 
heat removed by heat exchangers 2 and 3) was calculated using equation (22). 
oiloilpoilgasgaspgasgasgas TcmTcmHnq ∆=∆=∆= ,, &&&    (22) 
 Where: 
  q  = rate of heat release/transfer (W) 
  n&  = mole flow rate (mol/s) 
  H∆  = change in specific enthalpy (kJ/mol) 
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  m&  = mass flow rate (kg/s) 
  pc  = specific heat (kJ/kg*K) 
  T∆  = change in temperature (K) 
The following assumptions were made for calculating equation (22): 
1. The flow rates of the gas stream were 6.44 and 12.87 L/min corresponding to 
30000 and 60000 1/hr GHSV respectively.  
2. The molecular weight of the gas stream (no H2O) was 25 g/mol. Pressure in 
the reactor was atmospheric.  
3. The specific heat and density of the gas stream were constant and equal to the 
values calculated based on a temperature of 400 K, cp,400 K = 1.04 kJ/kg*K, 
ρ@400 K = 0.76 kg/m3.  
4. The rate of heat loss through the reactor walls is negligible relative to the rate 
of heat generation.  
5. The change in enthalpy of the gas stream due to temperature changes (∆HoT 
on the order of 5 kJ/mol) is negligible compared to the change in enthalpy due 
the oxidation reactions (∆Hor on the order of 250 kJ/mol).  
6. The only chemical reactions occurring were CO and H2 oxidation (no WGS or 
r-WGS). 
The mass flow rate of the gas stream was calculated by multiplying the volume flow rate 
with the density of the gas. The total gas temperature rise was found by summing the 
temperature rises in each catalyst bed: ∆Tgas = (T7 - T6) + (T9 – T8). Change in enthalpy of 
the gas was calculated with both CO and H2 oxidation taken into consideration as shown 
below in equation (23). 
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Where 
2On&∆  is the mole rate of O2 consumed in the reactor and is found using equation (24). 
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The oxygen fractions of the total gas stream upstream and downstream of the reactor, 
( ) ( )outOfracandinOfrac 22 , are in Tables 20 - 44 in the appendix. 
The temperature rise (on the order of 1 °C) of the oil was two orders of magnitude 
less than that of the gas because the oil’s heat capacity rate ( pcm *& ) was two orders of 
magnitude greater. Unfortunately, the instrument uncertainty of the thermocouples is ± 1.1 
°C, so the oil temperature change could not be accurately measured and heat transferred to 
the oil could not be balanced with heat generation. 
The results of the energy balance calculations are shown below in Table 4. The heat 
generation calculated from the measured temperature rise of the reacting gas is in agreement 
with the heat generation calculated from the measured O2 conversion and CO selectivity. 
4.3 Discussion 
4.3.1 Catalyst Deactivation 
 Figures 37 through 43 display a difference in temperature rise in the first catalyst bed 
between data depending on whether the coolant flow to heat exchanger 2 is on or off. Data 
with coolant flow off was collected first (chronologically) in Figures 37, 38, 39, and 41, 
while data with coolant flow on was collected first in Figures 40, 42, and 43. For all of 
Figures 37 through 43, the temperature rise in the first catalyst bed was higher for the data  
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Table 4: Results of the energy balance calculations from equation (1) comparing the heat 
generation calculated from the measured temperature rise and calculated from the measured 
O2 conversion and CO selectivity. 
 
 
Coolant 
Flow 
To 
HEX 2 
Inlet 
Temperature 
(°C) 
 
 
Inlet O2 
Concentration 
(%) 
 
GHSV 
(1/hr) 
Heat Release 
(W) Calculated 
from the 
Temperature 
Rise 
Heat Release (W) 
Calculated from 
O2 Conversion 
and CO 
Selectivity  
Off 100 0.6 30000 13.9 9.9 
Off 125 0.6 30000 12.9 11.9 
Off 150 0.6 30000 13.1 13.0 
On 150 0.6 30000 14.9 13.0 
On 125 0.6 30000 12.5 9.5 
On 100 0.6 30000 4.6 2.8 
On 100 1.0 60000 29.8 24.7 
Off 100 1.0 60000 46.6 44.0 
Off 125 1.0 60000 43.9 42.3 
On 125 1.0 60000 50.7 41.1 
On 150 0.8 60000 38.4 34.4 
Off 150 0.8 60000 32.1 34.8 
On 150 1.2 60000 55.3 48.9 
On 150 0.5 60000 17.8 18.1 
Off 150 0.5 60000 17.4 19.1 
 
collected first. The time dependent decrease in heat release in the first catalyst bed suggests 
that the catalyst was deactivating over time. 
 Data for coolant flow off in Figures 37 and 38 was collected approximately 60 
minutes and 35 minutes respectively before data for coolant flow on. Data in Figures 39 
through 43 was collected without a time lapse between coolant flow off and on. The effects 
of catalyst deactivation are expected to be greater in Figures 37 and 38 than in Figures 39 
through 43 because of the time lapse. There is no apparent difference, however, in the 
amount of deactivation in catalyst bed 1 between any of Figures 37 through 43. 
 The temperature rise in the first bed was always expected to be greater than the 
second when coolant flow was on because of the higher O2 concentration present in the first 
bed. Figures 37 and 38 show a greater temperature rise in the second bed than the first even 
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when coolant is flowing through the middle heat exchanger. The greater temperature rise in 
the second bed when the coolant flow is on in Figures 37 and 38 indicates that the first 
catalyst bed has undergone greater deactivation than the second. 
4.3.2 Heat Loss 
 The temperature up and downstream of the middle heat exchanger should be equal 
when the coolant flow is turned off if the reactor were adiabatic. No section of the reactor is 
truly adiabatic due to the inevitable temperature gradients. The middle heat exchanger acts as 
a fin with a large surface area that enhances heat loss from the gas stream through the reactor 
walls even when no coolant is flowing through the exchanger. This enhanced heat loss 
explains the decrease in temperature from upstream of the middle exchanger to downstream 
when coolant flow is off as shown in Figures 38 through 42. The temperature was equal 
across the middle heat exchanger in Figure 43, and the temperature actually increased across 
the middle exchanger in Figure 37 when the coolant flow to heat exchanger 2 was off. The 
lack of apparent heat loss in Figures 37 and 43 indicates heat was conducted axially from the 
second catalyst bed backwards to the thermocouple immediately downstream of the middle 
heat exchanger. 
4.3.3 Performance Improvements with the Micro Heat Exchangers 
 The selectivity towards CO oxidation was consistently greater when the coolant flow 
to the middle heat exchanger was on compared to the case of when it was off, as shown in 
Figures 37 through 42. CO conversion decreased when the coolant flow was on in Figures 
37, 38, and 40 because the heat removal decreased the reaction rate. CO conversion increased 
when the coolant flow was on in Figures 39, 41, and 42 because the improvements in CO 
selectivity outweighed the reduced reaction rate. Figure 43 shows a decrease, however, in CO 
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conversion and selectivity with the coolant flow on. The error in Figure 43 shows that the 
difference in selectivity is not statistically significant. 
 The experimental conditions corresponding to Figures 37 through 43 were not 
optimal for showing the benefits of the heat exchangers. The steady catalyst deactivation 
prevents a true direct comparison of CO conversion and selectivity as a function of the 
crucial parameter being studied: temperature control of the catalyst bed. However, the 
consistent improvement in selectivity when the heat exchangers were active indicates that the 
heat exchangers were responsible for the improvement despite the ever changing catalyst.  
The imbalance of activity between the first and second catalyst bed also makes it 
difficult to demonstrate the effects of the heat exchangers on PROX performance. Low inlet 
temperatures coupled with low inlet O2 concentrations (Figures 37 and 38) resulted in low 
reaction activity in the first catalyst bed and little need for a heat exchanger to control the 
temperature of the slow reaction. Higher inlet temperatures and O2 concentrations cause most 
of the reaction activity to rapidly occur in the first catalyst bed resulting in few reactants 
remaining for the second bed. Without reactants (especially O2) available in the second bed, 
there is again little need for a heat removal device to control the temperature entering the 
second bed. A deficiency of O2 in the second catalyst bed is most evident in Figures 39, 41, 
and 42 where the temperature rise in the second bed is relatively insignificant compared to 
the rise in the first bed. Both conditions make it difficult to demonstrate the possible benefits 
of using the heat exchangers because the differences in CO conversion and selectivity 
between conditions with the heat exchangers (coolant flow on) and without (coolant flow off) 
are not great. The improvement in CO selectivity with an active heat exchanger was less than 
2% in Figures 39, 41, and 42. Solutions to this problem include increasing the inlet O2 
concentration and the GHSV, as was done to obtain the data in Figures 40 through 44. 
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Increasing the inlet O2 concentration was done to increase activity in the first bed at low 
temperatures. Increasing the GHSV reduces the residence time in the first catalyst bed and 
increases the amount of reactants available in the second bed. These two steps resulted in the 
data in Figure 40 where it is clear that the heat exchanger caused a significant improvement 
in CO selectivity because there was a 100 °C temperature rise in the first bed and, without 
coolant flow, the temperature climbs another 75 °C in the second bed into a range where 
selectivity is known to decrease and the r-WGS reaction begins to occur [15, 16], while with 
coolant flow on, the temperature in the second bed was maintained within the desirable 
range. Increasing the inlet O2 concentration and GHSV did not have as noticeable 
improvements on the data in Figures 41 and 42 where there is still a deficiency in O2 in the 
second bed apparent because of the low temperature rise in the second bed. The activity in 
Figure 43 appears ideal for demonstrating the benefits of the heat exchangers because there is 
an even temperature rise in both beds. Unfortunately, as discussed earlier, the results in 
Figure 43 did not show that CO conversion and selectivity increased when the coolant flow 
was on. 
The activity of the two beds can be balanced by adding oxygen independently to each 
catalyst bed [18, 21]. In both of the reports, the temperature profiles in the catalyst beds were 
proportional to each other due to consistent catalyst activity throughout the reactor. Adding 
oxygen independently to each stage is complicated and might be too difficult and/or 
expensive for a commercial practice. The same results could be achieved by optimizing the 
length of each catalyst bed and adding all oxygen at the inlet. The first bed would be shortest 
with each subsequent bed increasing in length so that, as oxygen concentration decreases, the 
gas temperature rise is equal in each bed. This method will require a catalyst that does not 
deactivate quickly and extensive experimental testing and length adjustments. 
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 Regardless of whether CO conversion and selectivity increased or decreased due to 
the presence of heat removal devices in these experiments, it has been shown in the literature 
review section that temperature control is critical for high PROX performance. Therefore, the 
most important results from these experiments show that the heat exchangers are capable of 
controlling the temperature in the reactor. Future work should focus on developing a stable 
catalyst that does not deactivate, and balancing the activity in the series of catalyst beds so 
that improvements in CO conversion and selectivity are clearly the result of using the heat 
exchangers. This work clearly and dramatically demonstrates the heat exchangers ability to 
control the temperature in the reactor. All the heat exchanger data from Figures 37 through 
44 shows that the heat exchangers reduce the gas temperature from some higher value (often 
more than 100 °C greater than the coolant temperature) down to approximately the coolant 
temperature. 
The most drastic example is that of Figure 44 where the gas temperature upstream of 
the second heat exchanger was 404 °C and the temperature downstream was 155 °C while 
the temperature of the coolant oil in the exchanger was 151 °C. The heat exchanger reduced 
the gas temperature by approximately 250 °C by transferring 55 W of heat from the gas to 
the coolant oil while the gas was flowing at 0.6 m/s (24 in/s). The heat was transferred from 
the gas within the thickness of the heat exchanger panel (3 mm). The residence time of the 
gas inside the heat exchanger was 0.005 seconds. While the flow rate of an effective PROX 
reactor might be higher than that of Figure 44, the temperature rise would never be as high 
because the high temperature resulted in CO conversion and selectivity values that were 
terrible (there was more CO exiting the reactor than entering due to the r-WGS reaction). 
This extreme example verifies the prediction of the heat exchanger model that the heat 
exchanger would cool the gas stream to the temperature of the coolant oil. This example also 
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proves that the micro heat exchangers used in this study are highly capable of controlling the 
temperature in the PROX reactor.  
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Chapter 5. Conclusions and Recommendations 
 The results show that the heat exchangers are capable of controlling the temperature 
in the PROX reactor. The middle heat exchanger reduced the gas temperature approximately 
250 °C, nearly to the temperature of the coolant, within a length of 3 mm. The measured heat 
exchanger performance verifies the model’s prediction. In a practical PROX reactor, the gas 
temperature exiting the heat exchanger does not need to be cooled to the temperature of the 
coolant fluid, and the temperature rise should not be anywhere close to 250 °C. Therefore, 
the heat exchangers are over designed for the system. Thinner, smaller heat exchangers 
should be used to save volume. Also, the linear velocity of the gas could be greater to 
improve heat and mass transport and/or to increase the GHSV in the reactor. 
 The use of the micro heat exchangers with coolant oil flowing consistently improved 
CO selectivity in the reactor over conditions without coolant oil flowing. This shows that the 
heat exchangers are able to improve PROX performance. Catalyst deactivation and the lack 
of balance of catalyst activity between the two stages made it difficult to demonstrate the 
benefits of the heat exchangers on PROX performance because the catalyst was always 
changing (becoming a different catalyst) and the improvement in performance was often 
small. Further research should develop a catalyst that does not deactivate as rapidly as the 
one used in this work. Optimizing the length of each catalyst bed will balance the activity 
and temperature rise in each bed and increase the measured performance improvements due 
to the heat exchangers. 
 Work needs to be done to allow steam in the gas stream. The steam and gas lines to 
the reactor should be checked for possible contamination or rust. The steam-generating 
heater could be improved to heat the water more evenly. 
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 Future work should focus on a reactor design where the catalyst is directly attached to 
the heat exchanger. The ratio of reaction volume to support component volume in the reactor 
will probably not be as good as a multistage reactor like the one described in this work. The 
temperature control, however, would be ideal and near isothermal because of the short heat 
transfer distance between the reactions on the catalyst and the coolant fluid. The reactor can 
therefore be operated at a higher temperature were reaction rates are rapid without fear of gas 
temperatures rising out of control. Rapid reaction rates require less residence time so a small 
PROX reactor will accommodate higher flow rates and supply more fuel for a more powerful 
fuel cell. 
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Appendix 1. Syringe Pump Calculations 
Calculation of the flow rate of liquid water from the syringe pump: 
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Assume: Gasses in the gas stream are ideal. Total inlet gas stream flow rate is 200 cc/min at 
25 °C. Gas stream is 12% H2O. The desired reactor temperature is 150 °C. Reactor pressure 
is one atmosphere. 
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Appendix 2. Thermal Conductivity Calculation 
Matlab code for finding the thermal conductivity of the gas stream: 
>> x=[0.40 0.01 0.09 0.375 0.005 0.12]; 
k=[0.226 0.0318 0.0243 0.0223 0.033 0.0261]; 
mu=[1.08E-05 2.18E-05 1.90E-05 2.89E-05 2.58E-05 1.34E-05]; 
M=[2 28 44 40 32 18]; 
for i=1:6 
    for j=1:6 
        p(i,j)=(1/(8^.5))*((1+(M(i)/M(j)))^(-.5))*... 
            ((1+((mu(i)/mu(j))^.5)*((M(j)/M(i))^(1/4)))^2); 
        c(j)=x(j)*p(i,j); 
    end 
    d(i)=sum(c(:)); 
    s(i)=(x(i)*k(i)/d(i)); 
end 
kmix=sum(s(:)) 
kmix = 
 
    0.0774 
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Appendix 3. Temperature Data 
 
Calculations for the temperatures at heat exchangers 1 and 2 and the uncertainty of the 
results:
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100 off           
∆t (min) T1 (°C) 
T2 
(°C) T3 (°C) 
T4 
(°C) 
T5 
(°C) 
T6 
(°C) 
T7 
(°C) 
T8 
(°C) 
T9 
(°C) 
T10 
(°C) 
11.40 101.02 100.91 88.71 91.12 117.82 101.32 120.68 125.58 232.09 100.97 
11.90 101.38 101.50 88.59 90.89 117.82 102.09 121.64 126.06 231.91 101.79 
12.40 100.26 100.38 88.36 90.65 117.70 101.50 120.62 125.88 232.39 101.20 
12.90 99.08 99.31 88.12 90.42 117.58 100.55 119.01 125.10 232.76 100.38 
13.40 98.90 99.08 87.95 90.24 117.46 100.08 117.88 124.27 232.76 99.96 
13.91 100.67 100.49 87.83 90.01 117.28 101.02 118.41 124.15 232.21 100.79 
14.41 101.44 101.44 87.65 89.89 117.22 101.97 119.78 124.74 231.73 101.62 
14.91 101.14 101.14 87.54 89.65 117.04 101.73 119.37 124.74 231.91 101.38 
Average T 100.49 100.53 88.10 90.36 117.49 101.28 119.67 125.07 232.22 101.01 
Std dev (S) 1.00 0.92 0.43 0.51 0.29 0.70 1.26 0.72 0.39 0.62 
tN-1,95 2.37 2.37 2.37 2.37 2.37 2.37 2.37 2.37 2.37 2.37 
± u1 2.37 2.17 1.02 1.20 0.68 1.66 2.99 1.70 0.92 1.47 
± u 2.61 2.43 1.50 1.63 1.30 1.99 3.18 2.03 1.43 1.84 
 
 
 
 
Table 5: Temperature data for 100 °C inlet temperature, coolant flow to the middle heat 
exchanger off, 0.54% inlet O2 concentration, 30000 1/hr GHSV. ∆t is the time since O2 was 
first introduced in the system. 
 
 
THEX1 (°C) 100.51 
± uTHEX1 1.78 
 89 
125 off           
∆t (min) T1 (°C) 
T2 
(°C) 
T3 
(°C) 
T4 
(°C) 
T5 
(°C) 
T6 
(°C) 
T7 
(°C) 
T8 
(°C) 
T9 
(°C) 
T10 
(°C) 
20.94 123.61 123.07 86.07 88.18 118.23 121.81 158.50 147.69 227.13 120.02 
21.44 124.57 124.15 86.13 88.24 118.59 123.19 163.00 150.66 226.46 121.22 
21.94 124.33 124.09 86.13 88.24 118.83 123.55 165.07 152.72 226.76 121.64 
22.45 123.13 123.01 86.19 88.24 119.01 122.83 162.64 153.09 229.01 121.16 
22.95 123.31 123.13 86.42 88.48 119.31 122.71 158.62 152.12 232.39 121.10 
23.45 124.86 124.62 86.48 88.54 119.60 123.85 159.41 152.42 232.82 122.17 
23.95 124.98 124.80 86.60 88.65 119.78 124.51 161.66 153.94 232.64 122.95 
24.45 123.37 123.37 86.83 88.89 119.96 123.61 159.59 154.18 234.03 122.11 
24.96 122.59 122.59 86.89 89.01 120.08 122.71 155.70 152.97 236.38 121.46 
25.46 124.45 124.21 87.24 89.42 120.32 123.79 156.13 152.85 236.80 122.35 
25.96 125.46 125.28 87.36 89.59 120.44 124.86 158.74 154.12 236.32 123.43 
26.46 124.33 124.33 87.48 89.83 120.68 124.57 158.68 155.03 236.93 123.01 
26.96 123.01 123.07 87.77 90.06 120.86 123.49 155.70 154.24 238.74 122.23 
27.47 123.67 123.55 88.01 90.36 120.86 123.43 154.55 153.45 238.92 122.11 
Average T 123.98 123.80 86.83 88.98 119.75 123.49 159.14 152.82 233.24 121.93 
Std dev (S) 0.85 0.80 0.65 0.74 0.86 0.83 3.09 1.84 4.41 0.90 
tN-1,95 2.16 2.16 2.16 2.16 2.16 2.16 2.16 2.16 2.16 2.16 
± u1 1.84 1.73 1.40 1.61 1.85 1.78 6.67 3.97 9.53 1.95 
± u 2.14 2.05 1.78 1.95 2.15 2.10 6.76 4.12 9.59 2.24 
 
 
 
Table 6: Temperature data for 125 °C inlet temperature, coolant flow to the middle heat 
exchanger off, 0.58% inlet O2 concentration, 30000 1/hr GHSV. ∆t is the time since O2 was 
first introduced in the system. 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
THEX1 (°C) 123.89 
± uTHEX1 1.48 
 90 
150 off           
∆t (min) T1 (°C) 
T2 
(°C) 
T3 
(°C) 
T4 
(°C) 
T5 
(°C) 
T6 
(°C) 
T7 
(°C) 
T8 
(°C) 
T9 
(°C) 
T10 
(°C) 
40.03 150.66 150.30 102.38 103.57 127.68 150.54 276.08 220.88 214.44 147.27 
40.53 150.24 149.87 103.33 104.45 127.86 150.06 273.52 221.00 216.57 146.97 
41.03 150.84 150.42 104.22 105.28 128.28 150.48 272.39 221.24 217.96 147.27 
41.54 151.57 151.21 105.05 106.23 128.52 151.21 273.58 222.03 218.39 147.99 
42.04 151.03 150.78 105.93 107.12 128.76 151.15 274.00 223.07 219.00 147.93 
42.54 150.24 149.99 106.88 108.01 129.00 150.48 271.44 223.13 220.70 147.39 
43.04 150.72 150.30 107.89 108.96 129.18 150.66 269.60 222.88 222.28 147.51 
43.54 151.45 151.03 108.78 109.73 129.48 151.45 270.73 223.55 222.58 148.24 
44.05 151.39 151.09 109.67 110.68 129.66 151.75 271.74 224.52 222.88 148.54 
44.55 150.24 150.12 110.50 111.57 129.84 151.09 269.72 224.76 224.16 147.87 
45.06 150.06 149.75 111.39 112.40 130.02 150.48 266.02 223.98 226.16 147.39 
45.56 151.15 150.78 112.22 113.23 130.14 151.27 266.56 224.16 226.58 148.18 
46.06 151.63 151.33 113.05 114.00 130.38 151.88 268.47 225.07 226.46 148.72 
46.56 150.72 150.54 113.83 114.84 130.44 151.57 267.93 225.67 227.13 148.48 
47.06 150.36 150.06 114.54 115.61 130.62 151.09 265.07 225.25 228.70 147.93 
Average T 150.82 150.50 108.64 109.71 129.32 151.01 270.46 223.41 222.27 147.85 
Std dev (S) 0.53 0.51 3.94 3.88 0.95 0.54 3.22 1.57 4.32 0.53 
tN-1,95 2.15 2.15 2.15 2.15 2.15 2.15 2.15 2.15 2.15 2.15 
± u1 1.14 1.09 8.44 8.32 2.04 1.15 6.91 3.37 9.26 1.14 
± u 1.58 1.55 8.51 8.40 2.31 1.59 7.00 3.54 9.33 1.58 
 
 
 
 
Table 7: Temperature data for 150 °C inlet temperature, coolant flow to the middle heat 
exchanger off, 0.58% inlet O2 concentration, 30000 1/hr GHSV. ∆t is the time since O2 was 
first introduced in the system. 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
THEX1 (°C) 150.66 
± uTHEX1 1.11 
 91 
150 on           
∆t (min) T1 (°C) 
T2 
(°C) 
T3 
(°C) 
T4 
(°C) 
T5 
(°C) 
T6 
(°C) 
T7 
(°C) 
T8 
(°C) 
T9 
(°C) 
T10 
(°C) 
49.57 150.60 150.24 146.24 147.09 131.28 151.03 253.53 149.33 181.73 147.57 
50.07 151.33 150.84 147.87 148.72 131.46 151.45 253.77 150.54 182.59 148.06 
50.57 151.63 151.27 148.90 149.69 131.64 151.69 254.25 151.27 182.77 148.36 
51.07 149.87 149.69 147.51 148.60 131.82 150.90 254.37 150.66 181.92 147.63 
51.58 147.33 147.45 145.33 146.60 131.94 148.90 247.41 148.90 184.30 145.94 
Average T 150.15 149.90 147.17 148.14 131.63 150.80 252.66 150.14 182.66 147.51 
Std dev (S) 1.72 1.49 1.40 1.27 0.27 1.10 2.96 0.99 1.01 0.94 
tN-1,95 2.77 2.77 2.77 2.77 2.77 2.77 2.77 2.77 2.77 2.77 
± u1 4.76 4.14 3.88 3.51 0.74 3.06 8.20 2.73 2.81 2.60 
± u 4.89 4.28 4.04 3.68 1.33 3.25 8.27 2.95 3.02 2.82 
 
 
 
 
Table 8: Temperature data for 150 °C inlet temperature, coolant flow to the middle heat 
exchanger on, 0.58% inlet O2 concentration, 30000 1/hr GHSV. ∆t is the time since O2 was 
first introduced in the system. 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
THEX1 (°C) 150.03 THEX2 (°C) 147.66 
± uTHEX1 3.25 ± uTHEX2 2.73 
 92 
125 on           
∆t (min) T1 (°C) 
T2 
(°C) 
T3 
(°C) 
T4 
(°C) 
T5 
(°C) 
T6 
(°C) 
T7 
(°C) 
T8 
(°C) 
T9 
(°C) 
T10 
(°C) 
59.11 124.92 125.34 124.68 125.16 129.36 126.96 156.61 127.74 214.80 125.58 
59.61 123.55 123.97 123.25 123.79 129.12 125.70 153.21 126.42 214.80 124.39 
60.12 124.45 124.68 124.33 124.62 128.82 125.64 150.78 126.54 215.23 124.33 
60.62 125.88 125.88 125.76 125.88 128.64 126.72 151.57 127.68 216.32 125.22 
61.12 125.70 125.82 125.52 125.76 128.52 126.90 151.88 127.86 217.36 125.46 
61.62 124.09 124.45 123.91 124.27 128.22 125.76 149.63 126.60 216.99 124.45 
62.12 123.31 123.61 123.13 123.49 128.10 124.68 147.09 125.52 216.08 123.55 
62.62 124.57 124.62 124.51 124.62 127.98 125.34 146.90 126.30 215.84 123.97 
63.13 126.00 125.94 125.76 125.88 127.86 126.48 148.30 127.50 217.05 124.98 
63.63 125.22 125.40 125.04 125.22 127.62 126.18 148.24 127.26 217.60 124.80 
64.13 123.61 123.97 123.43 123.73 127.38 124.98 146.12 126.00 216.57 123.85 
64.63 123.55 123.73 123.37 123.61 127.20 124.39 144.18 125.40 214.92 123.19 
Average T 124.57 124.78 124.39 124.67 128.23 125.81 149.54 126.74 216.13 124.48 
Std dev (S) 0.98 0.87 0.99 0.91 0.68 0.86 3.45 0.86 1.02 0.76 
tN-1,95 2.20 2.20 2.20 2.20 2.20 2.20 2.20 2.20 2.20 2.20 
± u1 2.15 1.91 2.17 2.00 1.49 1.90 7.60 1.89 2.24 1.67 
± u 2.41 2.21 2.43 2.28 1.85 2.19 7.68 2.19 2.49 2.00 
 
 
 
 
Table 9: Temperature data for 125 °C inlet temperature, coolant flow to the middle heat 
exchanger on, 0.58% inlet O2 concentration, 30000 1/hr GHSV. ∆t is the time since O2 was 
first introduced in the system. 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
THEX1 (°C) 124.68 THEX2 (°C) 124.53 
± uTHEX1 1.63 ± uTHEX2 1.67 
 93 
100 on           
∆t (min) T1 (°C) 
T2 
(°C) 
T3 
(°C) 
T4 
(°C) 
T5 
(°C) 
T6 
(°C) 
T7 
(°C) 
T8 
(°C) 
T9 
(°C) 
T10 
(°C) 
73.67 99.78 100.14 99.49 100.02 121.28 102.38 110.38 102.50 141.58 101.67 
74.17 98.78 99.14 98.43 98.96 120.74 101.20 108.66 101.14 137.30 100.43 
74.68 98.78 98.90 98.37 98.78 120.44 100.67 107.77 100.67 134.65 99.84 
75.18 100.32 100.38 100.02 100.20 119.96 101.38 108.01 101.44 134.11 100.26 
75.69 101.08 101.14 100.79 100.91 119.66 102.27 109.07 102.32 135.13 100.91 
76.19 100.08 100.20 99.73 100.02 119.25 101.62 108.42 101.62 133.93 100.32 
76.69 98.90 99.08 98.49 98.90 118.83 100.61 107.24 100.49 131.46 99.43 
Average T 99.68 99.85 99.33 99.68 120.02 101.45 108.51 101.46 135.45 100.41 
Std dev (S) 0.89 0.83 0.93 0.81 0.86 0.70 1.02 0.77 3.21 0.73 
tN-1,95 2.45 2.45 2.45 2.45 2.45 2.45 2.45 2.45 2.45 2.45 
± u1 2.18 2.04 2.29 1.98 2.10 1.71 2.50 1.87 7.85 1.78 
± u 2.44 2.32 2.54 2.27 2.37 2.04 2.73 2.17 7.93 2.09 
 
 
 
 
Table 10: Temperature data for 100 °C inlet temperature, coolant flow to the middle heat 
exchanger on, 0.58% inlet O2 concentration, 30000 1/hr GHSV. ∆t is the time since O2 was 
first introduced in the system. 
 
 
100 on 1%           
∆t (min) T1 (°C) 
T2 
(°C) T3 (°C) 
T4 
(°C) 
T5 
(°C) 
T6 
(°C) 
T7 
(°C) 
T8 
(°C) 
T9 
(°C) 
T10 
(°C) 
171.07 99.73 99.49 99.43 100.61 107.65 100.38 222.82 100.91 118.89 97.37 
171.57 101.02 100.79 100.73 101.79 107.65 101.62 219.48 102.15 121.04 98.60 
172.08 100.20 100.14 99.84 101.08 107.65 101.44 214.50 101.91 121.10 98.49 
172.58 98.78 98.96 98.72 100.79 107.59 100.32 205.61 101.56 119.78 97.66 
Average T 99.93 99.84 99.68 101.07 107.64 100.94 215.60 101.63 120.20 98.03 
Std dev (S) 0.94 0.79 0.84 0.52 0.03 0.69 7.49 0.54 1.06 0.61 
tN-1,95 3.18 3.18 3.18 3.18 3.18 3.18 3.18 3.18 3.18 3.18 
± u1 2.98 2.52 2.67 1.66 0.09 2.18 23.84 1.72 3.39 1.94 
± u 3.18 2.75 2.88 1.99 1.10 2.45 23.86 2.04 3.56 2.23 
 
 
 
 
Table 11: Temperature data for 100 °C inlet temperature, coolant flow to the middle heat 
exchanger on, 1.06% inlet O2 concentration, 60000 1/hr GHSV. ∆t is the time since O2 was 
first introduced in the system. 
 
 
 
 
THEX1 (°C) 99.76 THEX2 (°C) 99.51 
± uTHEX1 1.68 ± uTHEX2 1.70 
THEX1 (°C) 99.89 THEX2 (°C) 100.38 
± uTHEX1 2.10 ± uTHEX2 1.75 
 94 
100 off 1%           
∆t (min) T1 (°C) 
T2 
(°C) 
T3 
(°C) 
T4 
(°C) 
T5 
(°C) 
T6 
(°C) 
T7 
(°C) 
T8 
(°C) 
T9 
(°C) 
T10 
(°C) 
173.60 99.73 99.61 97.66 98.90 107.65 100.14 192.97 156.67 272.81 101.20 
174.10 101.44 101.26 97.01 98.25 107.77 101.79 194.50 159.41 276.37 102.80 
174.60 100.79 100.73 96.25 97.60 107.77 101.79 193.52 161.30 278.51 102.86 
175.11 99.55 99.61 95.60 97.07 107.71 100.85 188.27 161.48 281.00 102.21 
Average T 100.38 100.30 96.63 97.96 107.73 101.14 192.32 159.71 277.17 102.27 
Std dev (S) 0.90 0.83 0.90 0.79 0.06 0.80 2.77 2.23 3.47 0.77 
tN-1,95 3.18 3.18 3.18 3.18 3.18 3.18 3.18 3.18 3.18 3.18 
± u1 2.85 2.64 2.86 2.52 0.18 2.56 8.82 7.11 11.04 2.44 
± u 3.05 2.86 3.06 2.75 1.11 2.79 8.88 7.19 11.10 2.68 
 
 
 
Table 12: Temperature data for 100 °C inlet temperature, coolant flow to the middle heat 
exchanger off, 1.06% inlet O2 concentration, 60000 1/hr GHSV. ∆t is the time since O2 was 
first introduced in the system. 
 
 
125 off 
.75%           
∆t (min) T1 (°C) 
T2 
(°C) 
T3 
(°C) 
T4 
(°C) 
T5 
(°C) 
T6 
(°C) 
T7 
(°C) 
T8 
(°C) 
T9 
(°C) 
T10 
(°C) 
234.33 124.27 124.33 126.18 126.24 119.25 127.20 314.94 256.04 264.71 125.16 
234.84 124.21 124.27 127.02 127.02 119.31 127.14 314.59 256.64 265.55 125.16 
235.34 124.27 124.33 127.80 127.74 119.31 127.26 314.59 257.24 266.26 125.22 
235.84 123.73 123.85 128.58 128.52 119.31 126.78 313.42 257.42 267.27 124.86 
236.34 124.27 124.39 129.30 129.24 119.43 127.26 313.77 257.96 267.87 125.28 
236.84 124.03 124.09 129.90 129.84 119.49 127.14 313.24 258.32 268.58 125.16 
Average T 124.13 124.21 128.13 128.10 119.35 127.13 314.09 257.27 266.71 125.14 
Std dev (S) 0.22 0.20 1.40 1.36 0.09 0.18 0.71 0.84 1.47 0.14 
tN-1,95 2.57 2.57 2.57 2.57 2.57 2.57 2.57 2.57 2.57 2.57 
± u1 0.56 0.52 3.61 3.50 0.23 0.46 1.82 2.15 3.77 0.37 
± u 1.23 1.22 3.77 3.67 1.12 1.19 2.13 2.41 3.92 1.16 
 
 
 
 
Table 13: Temperature data for 125 °C inlet temperature, coolant flow to the middle heat 
exchanger off, 0.76% inlet O2 concentration, 60000 1/hr GHSV. ∆t is the time since O2 was 
first introduced in the system. 
 
 
 
 
 
 
THEX1 (°C) 100.34 
± uTHEX1 2.09 
THEX1 (°C) 124.17 
± uTHEX1 0.87 
 95 
125 on 
.75%           
∆t (min) T1 (°C) 
T2 
(°C) 
T3 
(°C) 
T4 
(°C) 
T5 
(°C) 
T6 
(°C) 
T7 
(°C) 
T8 
(°C) 
T9 
(°C) 
T10 
(°C) 
240.87 124.27 124.39 123.67 125.28 119.66 126.84 299.84 128.70 183.50 123.37 
241.37 124.62 124.62 124.21 125.64 119.66 126.78 298.31 128.52 183.93 123.37 
241.87 124.33 124.45 123.91 125.40 119.66 126.78 297.84 128.40 184.05 123.37 
242.37 124.74 124.68 124.33 125.76 119.66 126.66 296.48 128.22 184.48 123.31 
242.87 124.45 124.57 124.09 125.58 119.78 126.78 296.42 128.22 184.54 123.43 
Average T 124.48 124.54 124.04 125.53 119.69 126.77 297.78 128.41 184.10 123.37 
Std dev (S) 0.20 0.12 0.26 0.19 0.05 0.07 1.42 0.21 0.43 0.04 
tN-1,95 2.77 2.77 2.77 2.77 2.77 2.77 2.77 2.77 2.77 2.77 
± u1 0.56 0.34 0.72 0.53 0.15 0.18 3.93 0.57 1.18 0.12 
± u 1.23 1.15 1.31 1.22 1.11 1.11 4.08 1.24 1.61 1.11 
 
 
 
Table 14: Temperature data for 125 °C inlet temperature, coolant flow to the middle heat 
exchanger on, 0.76% inlet O2 concentration, 60000 1/hr GHSV. ∆t is the time since O2 was 
first introduced in the system. 
 
 
150 on .8%           
∆t (min) T1 (°C) 
T2 
(°C) 
T3 
(°C) 
T4 
(°C) 
T5 
(°C) 
T6 
(°C) 
T7 
(°C) 
T8 
(°C) 
T9 
(°C) 
T10 
(°C) 
276.50 149.57 149.45 143.52 146.12 129.24 151.15 306.72 151.45 174.53 147.33 
277.00 150.36 149.99 146.12 148.30 129.24 151.27 304.20 152.30 176.91 147.57 
277.50 150.97 150.60 147.57 149.57 129.42 151.81 303.96 152.97 177.58 148.24 
278.01 149.93 149.75 147.09 149.02 129.54 151.33 297.37 152.30 178.62 147.87 
278.51 150.42 150.18 147.81 149.51 129.66 151.33 288.46 152.12 183.81 148.12 
279.01 151.03 150.72 148.54 150.18 129.84 151.63 287.57 152.48 184.91 148.54 
279.51 150.84 150.54 148.42 150.12 129.84 151.45 285.86 152.18 185.89 148.48 
280.01 150.97 150.66 148.60 150.30 130.02 151.63 284.91 152.24 186.74 148.66 
280.51 151.27 150.90 149.02 150.66 130.14 151.88 284.32 152.48 187.41 148.90 
Average T 150.59 150.31 147.41 149.31 129.66 151.50 293.71 152.28 181.82 148.19 
Std dev (S) 0.56 0.49 1.71 1.40 0.33 0.25 9.29 0.40 4.89 0.52 
tN-1,95 2.31 2.31 2.31 2.31 2.31 2.31 2.31 2.31 2.31 2.31 
± u1 1.30 1.14 3.95 3.22 0.75 0.58 21.42 0.92 11.27 1.20 
± u 1.70 1.58 4.10 3.40 1.33 1.25 21.45 1.44 11.33 1.63 
 
 
 
 
Table 15: Temperature data for 150 °C inlet temperature, coolant flow to the middle heat 
exchanger on, 0.80% inlet O2 concentration, 60000 1/hr GHSV. ∆t is the time since O2 was 
first introduced in the system. 
 
 
THEX1 (°C) 124.51 THEX2 (°C) 124.79 
± uTHEX1 0.84 ± uTHEX2 0.90 
THEX1 (°C) 150.45 THEX2 (°C) 148.36 
± uTHEX1 1.16 ± uTHEX2 2.66 
 96 
150 off 
.8%           
∆t (min) T1 (°C) 
T2 
(°C) 
T3 
(°C) 
T4 
(°C) 
T5 
(°C) 
T6 
(°C) 
T7 
(°C) 
T8 
(°C) 
T9 
(°C) 
T10 
(°C) 
286.55 150.54 150.42 140.92 141.22 131.16 151.69 281.00 243.14 257.42 149.99 
287.05 151.21 151.09 140.98 141.28 131.28 152.00 280.82 243.68 258.44 150.24 
287.55 150.72 150.54 141.10 141.34 131.34 152.00 281.42 244.76 258.98 150.24 
288.05 151.21 151.03 141.28 141.40 131.34 152.06 280.82 245.00 259.99 150.36 
288.56 150.30 150.24 141.70 141.46 131.46 151.75 280.65 245.78 260.77 150.06 
289.06 150.84 150.72 142.07 141.58 131.52 151.75 279.76 245.72 261.67 150.12 
289.56 150.48 150.42 142.43 141.70 131.58 151.94 280.35 246.50 262.02 150.18 
290.06 150.90 150.78 142.67 141.82 131.58 152.06 280.11 246.74 262.68 150.36 
290.56 150.97 150.78 142.91 142.01 131.58 152.12 280.53 247.41 263.10 150.48 
291.06 150.84 150.72 143.09 142.07 131.76 152.18 279.82 247.59 263.70 150.36 
Average T 150.80 150.67 141.91 141.59 131.46 151.95 280.53 245.63 260.88 150.24 
Std dev (S) 0.30 0.27 0.83 0.30 0.18 0.17 0.53 1.50 2.12 0.15 
tN-1,95 2.26 2.26 2.26 2.26 2.26 2.26 2.26 2.26 2.26 2.26 
± u1 0.68 0.61 1.88 0.68 0.41 0.38 1.19 3.39 4.79 0.35 
± u 1.29 1.26 2.18 1.29 1.17 1.16 1.62 3.56 4.92 1.15 
 
 
 
 
Table 16: Temperature data for 150 °C inlet temperature, coolant flow to the middle heat 
exchanger off, 0.80% inlet O2 concentration, 60000 1/hr GHSV. ∆t is the time since O2 was 
first introduced in the system. 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
THEX1 (°C) 150.74 
± uTHEX1 0.90 
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150 on 
1.25%           
∆t (min) T1 (°C) 
T2 
(°C) 
T3 
(°C) 
T4 
(°C) 
T5 
(°C) 
T6 
(°C) 
T7 
(°C) 
T8 
(°C) 
T9 
(°C) 
T10 
(°C) 
298.59 151.21 150.90 150.06 152.30 132.84 156.79 400.55 154.49 158.50 148.78 
299.09 151.39 151.15 150.36 152.60 132.84 157.89 404.25 154.85 156.07 148.90 
299.59 151.75 151.45 150.78 153.03 132.96 158.68 405.06 155.28 156.25 149.21 
300.09 150.36 150.36 149.39 151.88 133.02 158.25 405.06 154.67 155.88 148.54 
300.60 150.24 150.12 149.33 151.75 133.08 157.89 404.77 154.24 155.09 147.99 
301.10 151.03 150.84 149.93 152.42 133.26 158.80 405.29 154.97 155.52 148.48 
Average T 151.00 150.80 149.97 152.33 133.00 158.05 404.16 154.75 156.22 148.65 
Std dev (S) 0.59 0.49 0.56 0.47 0.16 0.73 1.81 0.37 1.19 0.42 
tN-1,95 2.57 2.57 2.57 2.57 2.57 2.57 2.57 2.57 2.57 2.57 
± u1 1.52 1.27 1.44 1.21 0.41 1.86 4.64 0.94 3.06 1.07 
± u 1.88 1.68 1.81 1.64 1.17 2.17 4.77 1.45 3.25 1.53 
 
 
 
Table 17: Temperature data for 150 °C inlet temperature, coolant flow to the middle heat 
exchanger on, 1.24% inlet O2 concentration, 60000 1/hr GHSV. ∆t is the time since O2 was 
first introduced in the system. 
 
150 on 
.45%           
∆t (min) T1 (°C) 
T2 
(°C) 
T3 
(°C) 
T4 
(°C) 
T5 
(°C) 
T6 
(°C) 
T7 
(°C) 
T8 
(°C) 
T9 
(°C) 
T10 
(°C) 
330.72 150.42 150.18 149.45 150.48 134.59 150.36 202.31 151.15 180.08 148.42 
331.22 151.39 150.97 150.54 151.45 134.65 151.09 202.68 151.94 180.94 149.09 
331.72 150.60 150.42 149.75 150.72 134.53 150.90 202.13 151.63 181.49 148.90 
332.23 150.60 150.36 149.75 150.72 134.53 150.60 199.87 151.45 181.92 148.72 
332.73 151.21 150.84 150.24 151.21 134.59 151.09 199.99 151.94 182.59 149.02 
333.23 151.15 150.84 150.30 151.21 134.53 151.03 199.32 151.94 182.89 149.09 
333.73 151.69 151.33 150.72 151.69 134.41 151.33 198.96 152.24 183.57 149.45 
334.23 151.15 150.84 150.24 151.21 134.53 151.15 197.98 152.00 183.69 149.21 
Average T 151.03 150.72 150.12 151.09 134.54 150.94 200.41 151.78 182.15 148.99 
Std dev (S) 0.44 0.38 0.43 0.41 0.07 0.32 1.75 0.35 1.27 0.31 
tN-1,95 2.37 2.37 2.37 2.37 2.37 2.37 2.37 2.37 2.37 2.37 
± u1 1.05 0.89 1.03 0.97 0.17 0.75 4.13 0.83 3.01 0.74 
± u 1.52 1.42 1.50 1.47 1.11 1.33 4.28 1.38 3.21 1.32 
 
 
 
 
Table 18: Temperature data for 150 °C inlet temperature, coolant flow to the middle heat 
exchanger on, 0.45% inlet O2 concentration, 60000 1/hr GHSV. ∆t is the time since O2 was 
first introduced in the system. 
 
 
 
THEX1 (°C) 150.90 THEX2 (°C) 151.15 
± uTHEX1 1.26 ± uTHEX2 1.22 
THEX1 (°C) 150.87 THEX2 (°C) 150.61 
± uTHEX1 1.04 ± uTHEX2 1.05 
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150 off 
.45%           
∆t (min) T1 (°C) 
T2 
(°C) 
T3 
(°C) 
T4 
(°C) 
T5 
(°C) 
T6 
(°C) 
T7 
(°C) 
T8 
(°C) 
T9 
(°C) 
T10 
(°C) 
337.75 151.15 150.90 142.79 143.15 134.71 151.09 195.23 192.18 225.49 149.87 
338.25 151.69 151.45 141.82 142.19 134.77 151.51 195.84 192.79 226.10 150.24 
338.75 150.60 150.54 140.92 141.28 134.77 151.03 194.81 193.22 227.13 149.75 
339.25 151.03 150.72 140.01 140.50 134.77 150.84 193.52 192.91 228.10 149.63 
339.76 151.27 151.15 139.29 139.83 134.83 151.39 194.56 193.52 228.40 150.06 
340.26 150.18 150.12 138.50 139.17 134.77 150.60 192.30 193.28 229.49 149.45 
340.76 151.09 150.84 137.78 138.56 134.77 151.03 192.00 193.10 229.85 149.87 
341.26 151.45 151.27 137.30 137.96 134.77 151.51 193.16 193.83 229.97 150.24 
341.76 151.33 151.09 136.76 137.42 134.77 151.27 192.36 193.89 230.76 150.06 
Average T 151.09 150.90 139.46 140.01 134.77 151.14 193.75 193.19 228.37 149.91 
Std dev (S) 0.46 0.41 2.09 1.94 0.03 0.31 1.41 0.53 1.83 0.27 
tN-1,95 2.31 2.31 2.31 2.31 2.31 2.31 2.31 2.31 2.31 2.31 
± u1 1.05 0.93 4.81 4.48 0.07 0.71 3.25 1.23 4.22 0.62 
± u 1.52 1.44 4.94 4.61 1.10 1.31 3.43 1.65 4.36 1.26 
 
 
 
 
 
 
Table 19: Temperature data for 150 °C inlet temperature, coolant flow to the middle heat 
exchanger off, 0.45% inlet O2 concentration, 60000 1/hr GHSV. ∆t is the time since O2 was 
first introduced in the system. 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
THEX1 (°C) 150.99 
± uTHEX1 1.05 
 99 
Appendix 4. Gas Composition Data 
 
Calculations for CO conversion and selectivity and the uncertainty of the results: 
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100 off, upstream 
∆t (min) fraction [CO] fraction [O2] 
7.67 0.0107 0.0052 
7.75 0.0107 0.0052 
 7.83 0.0107 0.0052 
7.92 0.0107 0.0052 
8.00 0.0107 0.0052 
8.08 0.0107 0.0052 
8.17 0.0107 0.0052 
8.25 0.0107 0.0052 
8.33 0.0107 0.0052 
8.42 0.0107 0.0052 
8.50 0.0107 0.0052 
8.58 0.0107 0.0052 
8.67 0.0107 0.0052 
8.75 0.0107 0.0053 
8.83 0.0107 0.0053 
8.92 0.0107 0.0053 
9.00 0.0107 0.0053 
9.08 0.0107 0.0053 
9.17 0.0107 0.0053 
9.25 0.0107 0.0053 
9.33 0.0107 0.0053 
9.42 0.0107 0.0053 
9.50 0.0107 0.0053 
9.58 0.0107 0.0053 
9.67 0.0107 0.0053 
9.75 0.0107 0.0055 
9.83 0.0107 0.0055 
9.92 0.0107 0.0055 
10.00 0.0107 0.0055 
10.08 0.0107 0.0055 
10.17 0.0107 0.0055 
10.25 0.0107 0.0055 
10.33 0.0107 0.0055 
10.42 0.0107 0.0055 
10.50 0.0107 0.0055 
10.58 0.0107 0.0055 
10.67 0.0107 0.0055 
10.75 0.0107 0.0056 
10.83 0.0107 0.0056 
10.92 0.0107 0.0056 
11.00 0.0107 0.0056 
11.08 0.0107 0.0056 
11.17 0.0107 0.0056 
11.25 0.0107 0.0056 
11.33 0.0107 0.0056 
11.42 0.0107 0.0056 
11.50 0.0107 0.0056 
11.58 0.0107 0.0056 
Average: 0.0107 0.0054 
Std dev (S) 0.0000 0.0001 
tN-1,95 2.0210 2.0210 
± u1 0.0001 0.0002 
± u 0.0002 0.0003 
 
Table 20: Fractions of CO and O2 in the gas stream 
upstream of the reactor. 100 °C gas inlet 
temperature, 0.54% inlet O2 concentration 30000 
1/hr GHSV, coolant flow to the middle heat 
exchanger off. ∆t is the time since O2 was first 
introduced in the system. 
 
100 off, downstream 
∆t (min) fraction [CO] fraction [O2] 
14.75 0.0056 0.0009 
14.83 0.0056 0.0009 
14.92 0.0056 0.0009 
15.00 0.0056 0.0009 
15.08 0.0056 0.0009 
15.17 0.0056 0.0009 
15.25 0.0056 0.0009 
15.33 0.0056 0.0009 
15.42 0.0056 0.0009 
15.50 0.0056 0.0009 
15.58 0.0056 0.0009 
15.67 0.0056 0.0009 
15.75 0.0056 0.0009 
15.83 0.0057 0.0010 
15.92 0.0057 0.0010 
16.00 0.0057 0.0010 
16.08 0.0057 0.0010 
16.17 0.0057 0.0010 
16.25 0.0057 0.0010 
16.33 0.0057 0.0010 
16.42 0.0057 0.0010 
16.50 0.0057 0.0010 
16.58 0.0057 0.0010 
16.67 0.0057 0.0010 
16.75 0.0057 0.0010 
16.83 0.0057 0.0010 
16.92 0.0058 0.0010 
17.00 0.0058 0.0010 
17.08 0.0058 0.0010 
17.17 0.0058 0.0010 
17.25 0.0058 0.0010 
17.33 0.0058 0.0010 
17.42 0.0058 0.0010 
17.50 0.0058 0.0010 
17.58 0.0058 0.0010 
17.67 0.0058 0.0010 
17.75 0.0058 0.0010 
17.83 0.0058 0.0010 
Average: 0.0057 0.0010 
Std dev (S) 0.0001 0.0000 
tN-1,95 2.0420 2.0420 
± u1 0.0002 0.0000 
± u 0.0002 0.0000 
 
Table 21: Fractions of CO and O2 in the gas 
stream downstream of the reactor. 100 °C gas 
inlet temperature, 0.54% inlet O2 
concentration 30000 1/hr GHSV, coolant 
flow to the middle heat exchanger off. ∆t is 
the time since O2 was first introduced in the 
system. 
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125 off, upstream 
∆t (min) fraction [CO] fraction [O2] 
20.92 0.0106 0.0056 
21.00 0.0107 0.0057 
21.08 0.0107 0.0057 
21.17 0.0107 0.0057 
21.25 0.0107 0.0057 
21.33 0.0107 0.0057 
21.42 0.0107 0.0057 
21.50 0.0107 0.0057 
21.58 0.0107 0.0057 
21.67 0.0107 0.0057 
21.75 0.0107 0.0057 
21.83 0.0107 0.0057 
21.92 0.0107 0.0057 
22.00 0.0107 0.0057 
22.08 0.0107 0.0057 
22.17 0.0107 0.0057 
22.25 0.0107 0.0057 
22.33 0.0107 0.0057 
22.42 0.0107 0.0057 
22.50 0.0107 0.0057 
22.58 0.0107 0.0057 
22.67 0.0107 0.0057 
22.75 0.0107 0.0057 
22.83 0.0107 0.0057 
22.92 0.0107 0.0057 
23.00 0.0106 0.0058 
23.08 0.0106 0.0058 
23.17 0.0106 0.0058 
23.25 0.0106 0.0058 
23.33 0.0106 0.0058 
23.42 0.0106 0.0058 
23.50 0.0106 0.0058 
23.58 0.0106 0.0058 
23.67 0.0106 0.0058 
23.75 0.0106 0.0058 
23.83 0.0106 0.0058 
23.92 0.0106 0.0058 
Average: 0.0107 0.0057 
Std dev (S) 0.0000 0.0001 
tN-1,95 2.0420 2.0420 
± u1 0.0001 0.0001 
± u 0.0002 0.0002 
 
Table 22: Fractions of CO and O2 in the gas 
stream upstream of the reactor. 125 °C gas inlet 
temperature, 0.57% inlet O2 concentration 
30000 1/hr GHSV, coolant flow to the middle 
heat exchanger off. ∆t is the time since O2 was 
first introduced in the system. 
 
125 off, downstream 
∆t (min) fraction [CO] fraction [O2] 
26.08 0.0050 0.0005 
26.17 0.0050 0.0005 
26.25 0.0050 0.0005 
26.33 0.0050 0.0005 
26.42 0.0050 0.0005 
26.50 0.0050 0.0005 
26.58 0.0050 0.0005 
26.67 0.0050 0.0005 
26.75 0.0050 0.0005 
26.83 0.0050 0.0005 
26.92 0.0050 0.0005 
27.00 0.0050 0.0005 
27.08 0.0050 0.0004 
27.17 0.0050 0.0004 
27.25 0.0050 0.0004 
27.33 0.0050 0.0004 
27.42 0.0050 0.0004 
27.50 0.0050 0.0004 
27.58 0.0050 0.0004 
27.67 0.0050 0.0004 
27.75 0.0050 0.0004 
27.83 0.0050 0.0004 
27.92 0.0050 0.0004 
28.00 0.0050 0.0004 
28.08 0.0050 0.0004 
28.17 0.0051 0.0004 
28.25 0.0051 0.0004 
28.33 0.0051 0.0004 
28.42 0.0051 0.0004 
28.50 0.0051 0.0004 
28.58 0.0051 0.0004 
28.67 0.0051 0.0004 
28.75 0.0051 0.0004 
28.83 0.0051 0.0004 
28.92 0.0051 0.0004 
29.00 0.0051 0.0004 
29.08 0.0051 0.0004 
Average: 0.0050 0.0004 
Std dev (S) 0.0000 0.0000 
tN-1,95 2.0420 2.0420 
± u1 0.0000 0.0001 
± u 0.0001 0.0001 
 
Table 23: Fractions of CO and O2 in the gas 
stream downstream of the reactor. 125 °C gas 
inlet temperature, 0.54% inlet O2 concentration 
30000 1/hr GHSV, coolant flow to the middle 
heat exchanger off. ∆t is the time since O2 was 
first introduced in the system. 
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150 off, upstream 
∆t (min) fraction [CO] fraction [O2] 
37.58 0.0105 0.0059 
37.67 0.0105 0.0059 
37.75 0.0105 0.0059 
37.83 0.0105 0.0059 
37.92 0.0105 0.0059 
38.00 0.0105 0.0059 
38.08 0.0105 0.0059 
38.17 0.0105 0.0059 
38.25 0.0105 0.0059 
38.33 0.0106 0.0060 
38.42 0.0106 0.0060 
38.50 0.0106 0.0060 
38.58 0.0106 0.0060 
38.67 0.0106 0.0060 
38.75 0.0106 0.0060 
38.83 0.0106 0.0060 
38.92 0.0106 0.0060 
39.00 0.0106 0.0060 
39.08 0.0106 0.0060 
39.17 0.0106 0.0060 
39.25 0.0106 0.0060 
39.33 0.0106 0.0060 
39.42 0.0106 0.0060 
39.50 0.0106 0.0060 
39.58 0.0106 0.0060 
39.67 0.0106 0.0060 
39.75 0.0106 0.0060 
39.83 0.0106 0.0060 
39.92 0.0106 0.0060 
40.00 0.0106 0.0060 
40.08 0.0106 0.0060 
40.17 0.0106 0.0060 
40.25 0.0106 0.0060 
40.33 0.0106 0.0060 
40.42 0.0106 0.0060 
40.50 0.0106 0.0060 
40.58 0.0106 0.0060 
Average: 0.0106 0.0060 
Std dev (S) 0.0000 0.0000 
tN-1,95 2.0420 2.0420 
± u1 0.0001 0.0001 
± u 0.0002 0.0001 
 
Table 24: Fractions of CO and O2 in the gas 
stream upstream of the reactor. 150 °C gas inlet 
temperature, 0.60% inlet O2 concentration 30000 
1/hr GHSV, coolant flow to the middle heat 
exchanger off. ∆t is the time since O2 was first 
introduced in the system. 
 
150 off, downstream 
∆t (min) fraction [CO] fraction [O2] 
44.75 0.0047 0.0002 
44.83 0.0047 0.0002 
44.92 0.0047 0.0002 
45.00 0.0047 0.0002 
45.08 0.0047 0.0002 
45.17 0.0047 0.0002 
45.25 0.0047 0.0002 
45.33 0.0047 0.0002 
45.42 0.0047 0.0002 
45.50 0.0047 0.0002 
45.58 0.0047 0.0002 
45.67 0.0047 0.0002 
45.75 0.0047 0.0001 
45.83 0.0047 0.0001 
45.92 0.0047 0.0001 
46.00 0.0047 0.0001 
46.08 0.0047 0.0001 
46.17 0.0047 0.0001 
46.25 0.0047 0.0001 
46.33 0.0047 0.0001 
46.42 0.0047 0.0001 
46.50 0.0047 0.0001 
46.58 0.0047 0.0001 
46.67 0.0047 0.0001 
46.75 0.0047 0.0001 
46.83 0.0048 0.0002 
46.92 0.0048 0.0002 
47.00 0.0048 0.0002 
47.08 0.0048 0.0002 
47.17 0.0048 0.0002 
47.25 0.0048 0.0002 
47.33 0.0048 0.0002 
47.42 0.0048 0.0002 
47.50 0.0048 0.0002 
47.58 0.0048 0.0002 
47.67 0.0048 0.0002 
47.75 0.0048 0.0002 
Average: 0.0047 0.0002 
Std dev (S) 0.0000 0.0000 
tN-1,95 2.0420 2.0420 
± u1 0.0000 0.0000 
± u 0.0001 0.0000 
 
Table 25: Fractions of CO and O2 in the gas stream 
downstream of the reactor. 150 °C gas inlet 
temperature, 0.60% inlet O2 concentration 30000 
1/hr GHSV, coolant flow to the middle heat 
exchanger off. ∆t is the time since O2 was first 
introduced in the system. 
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125 on, upstream 
∆t (min) fraction [CO] fraction [O2] 
57.08 0.0105 0.0057 
57.17 0.0105 0.0057 
57.25 0.0105 0.0057 
57.33 0.0105 0.0057 
57.42 0.0105 0.0057 
57.50 0.0105 0.0057 
57.58 0.0105 0.0057 
57.67 0.0105 0.0057 
57.75 0.0105 0.0057 
57.83 0.0105 0.0057 
57.92 0.0105 0.0057 
58.00 0.0105 0.0057 
58.08 0.0105 0.0059 
58.17 0.0105 0.0059 
58.25 0.0105 0.0059 
58.33 0.0105 0.0059 
58.42 0.0105 0.0059 
58.50 0.0105 0.0059 
58.58 0.0105 0.0059 
58.67 0.0105 0.0059 
58.75 0.0105 0.0059 
58.83 0.0105 0.0059 
58.92 0.0105 0.0059 
59.00 0.0105 0.0059 
59.08 0.0106 0.0059 
59.17 0.0106 0.0059 
59.25 0.0106 0.0059 
59.33 0.0106 0.0059 
59.42 0.0106 0.0059 
59.50 0.0106 0.0059 
59.58 0.0106 0.0059 
59.67 0.0106 0.0059 
Average: 0.0105 0.0058 
Std dev (S) 0.0000 0.0001 
tN-1,95 2.0420 2.0420 
± u1 0.0001 0.0002 
± u 0.0002 0.0002 
 
Table 27: Fractions of CO and O2 in the gas 
stream upstream of the reactor. 125 °C gas 
inlet temperature, 0.58% inlet O2 
concentration 30000 1/hr GHSV, coolant 
flow to the middle heat exchanger on. ∆t is 
the time since O2 was first introduced in the 
system. 
150 on, downstream 
∆t (min) fraction [CO] fraction [O2] 
48.83 0.0045 0.0002 
48.92 0.0045 0.0002 
49.00 0.0045 0.0002 
49.08 0.0045 0.0002 
49.17 0.0045 0.0002 
49.25 0.0045 0.0002 
49.33 0.0045 0.0002 
49.42 0.0045 0.0002 
49.50 0.0045 0.0002 
49.58 0.0045 0.0002 
49.67 0.0045 0.0002 
49.75 0.0045 0.0002 
49.83 0.0047 0.0002 
49.92 0.0047 0.0002 
50.00 0.0047 0.0002 
50.08 0.0047 0.0002 
50.17 0.0047 0.0002 
50.25 0.0047 0.0002 
50.33 0.0047 0.0002 
50.42 0.0047 0.0002 
50.50 0.0047 0.0002 
50.58 0.0047 0.0002 
50.67 0.0047 0.0002 
50.75 0.0047 0.0002 
50.83 0.0047 0.0002 
50.92 0.0046 0.0002 
51.00 0.0046 0.0002 
51.08 0.0046 0.0002 
51.17 0.0046 0.0002 
51.25 0.0046 0.0002 
51.33 0.0046 0.0002 
51.42 0.0046 0.0002 
51.50 0.0046 0.0002 
51.58 0.0046 0.0002 
51.67 0.0046 0.0002 
51.75 0.0046 0.0002 
51.83 0.0046 0.0002 
Average: 0.0046 0.0002 
Std dev (S) 0.0001 0.0000 
tN-1,95 2.0420 2.0420 
± u1 0.0002 0.0000 
± u 0.0002 0.0000 
 
Table 26: Fractions of CO and O2 in the gas stream 
downstream of the reactor. 150 °C gas inlet 
temperature, 0.60% inlet O2 concentration 30000 
1/hr GHSV, coolant flow to the middle heat 
exchanger on. ∆t is the time since O2 was first 
introduced in the system. 
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125 on, downstream 
∆t (min) fraction [CO] fraction [O2] 
61.62 0.0054 0.0011 
61.87 0.0054 0.0011 
62.12 0.0052 0.0010 
62.37 0.0052 0.0010 
62.62 0.0052 0.0010 
62.87 0.0052 0.0010 
63.12 0.0052 0.0010 
63.37 0.0052 0.0010 
63.62 0.0052 0.0010 
63.87 0.0052 0.0010 
64.12 0.0054 0.0010 
64.37 0.0054 0.0010 
64.62 0.0054 0.0010 
64.87 0.0054 0.0010 
65.12 0.0054 0.0011 
65.37 0.0054 0.0011 
65.62 0.0054 0.0011 
65.87 0.0054 0.0011 
66.12 0.0060 0.0042 
66.37 0.0060 0.0042 
66.62 0.0060 0.0042 
66.87 0.0060 0.0042 
Average: 0.0054 0.0016 
Std dev (S) 0.0003 0.0012 
tN-1,95 2.0800 2.0800 
± u1 0.0006 0.0026 
± u 0.0006 0.0026 
 
Table 28: Fractions of CO and O2 in the gas 
stream downstream of the reactor. 125 °C gas 
inlet temperature, 0.58% inlet O2 concentration 
30000 1/hr GHSV, coolant flow to the middle 
heat exchanger on. ∆t is the time since O2 was 
first introduced in the system. 
 
100 on, upstream 
∆t (min) fraction [CO] fraction [O2] 
69.37 0.0105 0.0059 
69.62 0.0105 0.0059 
69.87 0.0105 0.0059 
70.12 0.0105 0.0059 
70.37 0.0105 0.0058 
70.62 0.0105 0.0058 
70.87 0.0105 0.0058 
71.12 0.0105 0.0058 
71.37 0.0106 0.0060 
71.62 0.0106 0.0060 
71.87 0.0106 0.0060 
72.12 0.0106 0.0060 
72.37 0.0106 0.0060 
72.62 0.0106 0.0060 
72.87 0.0106 0.0060 
73.12 0.0106 0.0060 
73.37 0.0105 0.0060 
73.62 0.0105 0.0060 
73.87 0.0105 0.0060 
74.12 0.0105 0.0060 
74.37 0.0106 0.0060 
74.62 0.0106 0.0060 
74.87 0.0106 0.0060 
75.12 0.0106 0.0060 
Average: 0.0105 0.0059 
Std dev 
(S) 0.0000 0.0001 
tN-1,95 2.0800 2.0800 
± u1 0.0001 0.0002 
± u 0.0002 0.0002 
 
Table 29: Fractions of CO and O2 in the gas 
stream upstream of the reactor. 100 °C gas inlet 
temperature, 0.59% inlet O2 concentration 
30000 1/hr GHSV, coolant flow to the middle 
heat exchanger on. ∆t is the time since O2 was 
first introduced in the system. 
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100 on, downstream 
∆t (min) fraction [CO] fraction [O2] 
75.87 0.0081 0.0045 
76.12 0.0081 0.0045 
76.37 0.0081 0.0046 
76.62 0.0081 0.0046 
76.87 0.0081 0.0046 
77.12 0.0081 0.0046 
77.37 0.0083 0.0045 
77.62 0.0083 0.0045 
77.87 0.0083 0.0045 
78.12 0.0083 0.0045 
78.37 0.0084 0.0047 
78.62 0.0084 0.0047 
78.87 0.0084 0.0047 
79.12 0.0084 0.0047 
79.37 0.0085 0.0047 
79.62 0.0085 0.0047 
79.87 0.0085 0.0047 
80.12 0.0085 0.0047 
80.37 0.0085 0.0049 
80.62 0.0085 0.0049 
80.87 0.0085 0.0049 
81.12 0.0085 0.0049 
81.37 0.0085 0.0049 
81.62 0.0085 0.0049 
81.87 0.0085 0.0049 
82.12 0.0085 0.0049 
82.37 0.0085 0.0049 
Average: 0.0084 0.0047 
Std dev (S) 0.0002 0.0001 
tN-1,95 2.0800 2.0800 
± u1 0.0003 0.0003 
± u 0.0004 0.0003 
 
Table 30: Fractions of CO and O2 in the gas 
stream downstream of the reactor. 100 °C gas 
inlet temperature, 0.58% inlet O2 concentration 
30000 1/hr GHSV, coolant flow to the middle 
heat exchanger on. ∆t is the time since O2 was 
first introduced in the system. 
 
100 on 1% upstream 
∆t (min) fraction [CO] fraction [O2] 
167.37 0.0104 0.0105 
167.62 0.0104 0.0105 
167.87 0.0104 0.0105 
168.12 0.0104 0.0105 
168.37 0.0103 0.0106 
168.62 0.0103 0.0106 
168.87 0.0103 0.0106 
169.12 0.0103 0.0106 
169.37 0.0104 0.0106 
169.62 0.0104 0.0106 
169.87 0.0104 0.0106 
170.12 0.0104 0.0106 
170.37 0.0104 0.0105 
170.62 0.0104 0.0105 
170.87 0.0104 0.0105 
171.12 0.0104 0.0105 
171.37 0.0103 0.0106 
171.62 0.0103 0.0106 
171.87 0.0103 0.0106 
172.12 0.0103 0.0106 
172.37 0.0103 0.0106 
Average: 0.0104 0.0106 
Std dev 
(S) 0.0000 0.0001 
tN-1,95 2.0860 2.0860 
± u1 0.0001 0.0001 
± u 0.0002 0.0002 
 
Table 31: Fractions of CO and O2 in the gas 
stream upstream of the reactor. 100 °C gas 
inlet temperature, 1.06% inlet O2 
concentration 60000 1/hr GHSV, coolant 
flow to the middle heat exchanger on. ∆t is 
the time since O2 was first introduced in the 
system. 
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100 on 1% downstream 
∆t (min) fraction [CO] fraction [O2] 
172.62 0.0063 0.0050 
172.87 0.0063 0.0050 
173.12 0.0063 0.0050 
173.37 0.0063 0.0050 
173.62 0.0063 0.0050 
173.87 0.0063 0.0050 
174.12 0.0063 0.0050 
174.37 0.0063 0.0050 
Average: 0.0063 0.0050 
Std dev (S) 0.0000 0.0000 
tN-1,95 2.3650 2.3650 
± u1 0.0000 0.0001 
± u 0.0001 0.0001 
 
Table 32: Fractions of CO and O2 in the gas 
stream downstream of the reactor. 100 °C gas 
inlet temperature, 1.06% inlet O2 concentration 
60000 1/hr GHSV, coolant flow to the middle 
heat exchanger on. ∆t is the time since O2 was 
first introduced in the system. 
100 off 1% downstream 
∆t (min) fraction [CO] fraction [O2] 
174.62 0.0044 0.0006 
174.87 0.0044 0.0006 
175.12 0.0044 0.0006 
175.37 0.0044 0.0006 
175.62 0.0045 0.0004 
175.87 0.0045 0.0004 
176.12 0.0045 0.0004 
176.37 0.0045 0.0004 
176.62 0.0052 0.0004 
176.87 0.0052 0.0004 
177.12 0.0052 0.0004 
177.37 0.0052 0.0004 
Average: 0.0047 0.0005 
Std dev (S) 0.0004 0.0001 
tN-1,95 2.2010 2.2010 
± u1 0.0008 0.0002 
± u 0.0008 0.0002 
 
Table 33: Fractions of CO and O2 in the gas 
stream downstream of the reactor. 100 °C gas 
inlet temperature, 1.06% inlet O2 concentration 
60000 1/hr GHSV, coolant flow to the middle 
heat exchanger off. ∆t is the time since O2 was 
first introduced in the system. 
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125 off 1% upstream 
∆t (min) fraction [CO] fraction [O2] 
221.62 0.0104 0.0095 
221.87 0.0104 0.0095 
222.12 0.0104 0.0095 
222.37 0.0104 0.0095 
222.62 0.0103 0.0098 
222.87 0.0103 0.0098 
223.12 0.0103 0.0098 
223.37 0.0103 0.0098 
223.62 0.0104 0.0099 
223.87 0.0104 0.0099 
224.12 0.0104 0.0099 
224.37 0.0104 0.0099 
Average: 0.0104 0.0098 
Std dev (S) 0.0000 0.0002 
tN-1,95 2.2010 2.2010 
± u1 0.0001 0.0004 
± u 0.0002 0.0005 
 
Table 34: Fractions of CO and O2 in the gas 
stream upstream of the reactor. 125 °C gas 
inlet temperature, 0.98% inlet O2 
concentration 60000 1/hr GHSV, coolant 
flow to the middle heat exchanger off. ∆t is 
the time since O2 was first introduced in the 
system. 
 
125 off 1% downstream 
∆t (min) fraction [CO] fraction [O2] 
231.87 0.0048 0.0001 
232.12 0.0048 0.0001 
232.37 0.0048 0.0001 
232.62 0.0048 0.0001 
232.87 0.0049 0.0001 
233.12 0.0049 0.0001 
233.37 0.0049 0.0001 
233.62 0.0049 0.0001 
233.87 0.0049 0.0001 
234.12 0.0049 0.0001 
234.37 0.0049 0.0001 
234.62 0.0049 0.0001 
234.87 0.0049 0.0001 
235.12 0.0049 0.0001 
235.37 0.0049 0.0001 
235.62 0.0049 0.0001 
235.87 0.0050 0.0001 
236.12 0.0050 0.0001 
236.37 0.0050 0.0001 
236.62 0.0050 0.0001 
236.87 0.0050 0.0001 
237.12 0.0050 0.0001 
237.37 0.0050 0.0001 
237.62 0.0050 0.0001 
237.87 0.0051 0.0001 
238.12 0.0051 0.0001 
238.37 0.0051 0.0001 
238.62 0.0051 0.0001 
Average: 0.0049 0.0001 
Std dev (S) 0.0001 0.0000 
tN-1,95 2.0800 2.0800 
± u1 0.0001 0.0000 
± u 0.0002 0.0000 
 
Table 35: Fractions of CO and O2 in the gas stream 
downstream of the reactor. 125 °C gas inlet 
temperature, 0.98% inlet O2 concentration 60000 1/hr 
GHSV, coolant flow to the middle heat exchanger off. 
∆t is the time since O2 was first introduced in the 
system. 
 
 108 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
150 on 0.8% upstream 
∆t (min) fraction [CO] fraction [O2] 
265.62 0.0103 0.0078 
265.87 0.0103 0.0078 
266.12 0.0103 0.0078 
266.37 0.0103 0.0078 
266.62 0.0103 0.0080 
266.87 0.0103 0.0080 
267.12 0.0103 0.0080 
267.37 0.0103 0.0080 
267.62 0.0103 0.0080 
267.87 0.0103 0.0080 
268.12 0.0103 0.0080 
268.37 0.0103 0.0080 
268.62 0.0103 0.0080 
268.87 0.0103 0.0080 
269.12 0.0103 0.0080 
269.37 0.0103 0.0080 
Average: 0.0103 0.0080 
Std dev (S) 0.0000 0.0001 
tN-1,95 2.1310 2.1310 
± u1 0.0000 0.0002 
± u 0.0002 0.0003 
 
Table 37: Fractions of CO and O2 in the gas 
stream upstream of the reactor. 150 °C gas inlet 
temperature, 0.80% inlet O2 concentration 60000 
1/hr GHSV, coolant flow to the middle heat 
exchanger on. ∆t is the time since O2 was first 
introduced in the system. 
 
125 on 1% downstream 
∆t (min) fraction [CO] fraction [O2] 
241.17 0.0047 0.0004 
241.42 0.0047 0.0004 
241.67 0.0047 0.0004 
241.92 0.0047 0.0004 
242.17 0.0048 0.0004 
242.42 0.0048 0.0004 
242.67 0.0048 0.0004 
242.92 0.0048 0.0004 
243.17 0.0047 0.0004 
243.42 0.0047 0.0004 
243.67 0.0047 0.0004 
243.92 0.0047 0.0004 
244.17 0.0047 0.0004 
244.42 0.0047 0.0004 
244.67 0.0047 0.0004 
244.92 0.0047 0.0004 
245.17 0.0047 0.0004 
245.42 0.0047 0.0004 
245.67 0.0047 0.0004 
245.92 0.0047 0.0004 
Average: 0.0047 0.0004 
Std dev (S) 0.0000 0.0000 
tN-1,95 2.0930 2.0930 
± u1 0.0001 0.0000 
± u 0.0001 0.0000 
 
Table 36: Fractions of CO and O2 in the gas stream 
downstream of the reactor. 125 °C gas inlet 
temperature, 0.98% inlet O2 concentration 60000 
1/hr GHSV, coolant flow to the middle heat 
exchanger on. ∆t is the time since O2 was first 
introduced in the system. 
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150 on 0.8% downstream 
∆t (min) fraction [CO] fraction [O2] 
279.17 0.0048 0.0003 
279.42 0.0048 0.0003 
279.67 0.0048 0.0003 
279.92 0.0048 0.0002 
280.17 0.0048 0.0002 
280.42 0.0048 0.0002 
280.67 0.0048 0.0002 
280.92 0.0048 0.0003 
281.17 0.0048 0.0003 
281.42 0.0048 0.0003 
281.67 0.0048 0.0003 
281.92 0.0048 0.0002 
Average: 0.0048 0.0002 
Std dev (S) 0.0000 0.0000 
tN-1,95 2.2010 2.2010 
± u1 0.0000 0.0001 
± u 0.0001 0.0001 
 
Table 38: Fractions of CO and O2 in the gas stream 
downstream of the reactor. 150 °C gas inlet 
temperature, 0.80% inlet O2 concentration 60000 1/hr 
GHSV, coolant flow to the middle heat exchanger on. 
∆t is the time since O2 was first introduced in the 
system. 
150 off 0.8% downstream 
∆t (min) fraction [CO] fraction [O2] 
285.17 0.0048 0.0001 
285.42 0.0048 0.0001 
285.67 0.0048 0.0001 
285.92 0.0048 0.0001 
286.17 0.0048 0.0001 
286.42 0.0048 0.0001 
286.67 0.0048 0.0001 
286.92 0.0048 0.0001 
287.17 0.0048 0.0001 
287.42 0.0048 0.0001 
287.67 0.0048 0.0001 
287.92 0.0048 0.0001 
Average: 0.0048 0.0001 
Std dev (S) 0.0000 0.0000 
tN-1,95 2.2010 2.2010 
± u1 0.0000 0.0001 
± u 0.0001 0.0001 
 
Table 39: Fractions of CO and O2 in the gas stream 
downstream of the reactor. 150 °C gas inlet 
temperature, 0.80% inlet O2 concentration 60000 
1/hr GHSV, coolant flow to the middle heat 
exchanger off. ∆t is the time since O2 was first 
introduced in the system. 
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150 on 1.25% downstream 
∆t (min) fraction [CO] fraction [O2] 
300.17 0.0150 0.0002 
300.42 0.0150 0.0002 
300.67 0.0150 0.0002 
300.92 0.0150 0.0002 
301.17 0.0150 0.0002 
301.42 0.0157 0.0002 
301.67 0.0157 0.0002 
301.92 0.0157 0.0002 
302.17 0.0157 0.0002 
302.42 0.0157 0.0002 
302.67 0.0157 0.0002 
302.92 0.0157 0.0002 
303.17 0.0157 0.0002 
Average: 0.0154 0.0002 
Std dev (S) 0.0003 0.0000 
tN-1,95 2.1790 2.1790 
± u1 0.0008 0.0000 
± u 0.0008 0.0000 
 
Table 40: Fractions of CO and O2 in the gas 
stream downstream of the reactor. 150 °C gas 
inlet temperature, 1.24% inlet O2 concentration 
60000 1/hr GHSV, coolant flow to the middle 
heat exchanger on. ∆t is the time since O2 was 
first introduced in the system. 
150 on 1.24% upstream 
∆t (min) fraction [CO] fraction [O2] 
315.17 0.0104 0.0123 
315.42 0.0104 0.0123 
315.67 0.0103 0.0124 
315.92 0.0103 0.0124 
316.17 0.0103 0.0124 
316.42 0.0103 0.0124 
316.67 0.0104 0.0124 
316.92 0.0104 0.0124 
317.17 0.0104 0.0124 
317.42 0.0104 0.0124 
Average: 0.0104 0.0124 
Std dev 
(S) 0.0000 0.0000 
tN-1,95 2.2620 2.2620 
± u1 0.0000 0.0001 
± u 0.0002 0.0003 
 
Table 41: Fractions of CO and O2 in the gas 
stream upstream of the reactor. 150 °C gas inlet 
temperature, 1.24% inlet O2 concentration 60000 
1/hr GHSV, coolant flow to the middle heat 
exchanger on. ∆t is the time since O2 was first 
introduced in the system. 
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150 on 0.45% upstream 
∆t (min) fraction [CO] fraction [O2] 
324.87 0.0105 0.0045 
325.12 0.0105 0.0045 
325.37 0.0105 0.0045 
325.62 0.0105 0.0045 
325.87 0.0104 0.0046 
326.12 0.0104 0.0046 
326.37 0.0104 0.0046 
326.62 0.0104 0.0046 
326.87 0.0105 0.0046 
327.12 0.0105 0.0046 
327.37 0.0105 0.0046 
327.62 0.0105 0.0046 
327.87 0.0105 0.0045 
328.12 0.0105 0.0045 
328.37 0.0105 0.0045 
328.62 0.0105 0.0045 
Average: 0.0105 0.0045 
Std dev (S) 0.0000 0.0000 
tN-1,95 2.131 2.131 
± u1 0.0000 0.0001 
± u 0.0002 0.0001 
 
Table 42: Fractions of CO and O2 in the gas 
stream upstream of the reactor. 150 °C gas inlet 
temperature, 0.45% inlet O2 concentration 60000 
1/hr GHSV, coolant flow to the middle heat 
exchanger on. ∆t is the time since O2 was first 
introduced in the system. 
150 on 0.45% downstream 
∆t (min) fraction [CO] fraction [O2] 
332.17 0.0063 0.0005 
332.42 0.0063 0.0005 
332.67 0.0063 0.0005 
332.92 0.0063 0.0005 
333.17 0.0063 0.0005 
333.42 0.0063 0.0005 
333.67 0.0063 0.0005 
333.92 0.0061 0.0006 
334.17 0.0061 0.0006 
334.42 0.0061 0.0006 
334.67 0.0061 0.0006 
334.92 0.0061 0.0006 
Average: 0.0062 0.0005 
Std dev (S) 0.0001 0.0000 
tN-1,95 2.2010 2.2010 
± u1 0.0002 0.0000 
± u 0.0002 0.0000 
 
Table 43: Fractions of CO and O2 in the gas stream 
downstream of the reactor. 150 °C gas inlet 
temperature, 0.45% inlet O2 concentration 60000 
1/hr GHSV, coolant flow to the middle heat 
exchanger on. ∆t is the time since O2 was first 
introduced in the system. 
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150 off 0.45% downstream 
∆t (min) fraction [CO] fraction [O2] 
340.17 0.0057 0.0002 
340.42 0.0057 0.0002 
340.67 0.0057 0.0002 
340.92 0.0057 0.0002 
341.17 0.0057 0.0003 
341.42 0.0057 0.0003 
341.67 0.0057 0.0003 
341.92 0.0057 0.0003 
342.17 0.0057 0.0003 
342.42 0.0057 0.0003 
342.67 0.0057 0.0003 
342.92 0.0057 0.0003 
Average: 0.0057 0.0003 
Std dev (S) 0.0000 0.0000 
tN-1,95 2.2010 2.2010 
± u1 0.0000 0.0001 
± u 0.0001 0.0001 
 
Table 44: Fractions of CO and O2 in the gas stream 
downstream of the reactor. 150 °C gas inlet 
temperature, 0.45% inlet O2 concentration 60000 
1/hr GHSV, coolant flow to the middle heat 
exchanger off. ∆t is the time since O2 was first 
introduced in the system. 
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